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ABSTRACT
Biomass contains a signicant weight percentage of oxygen which must be removed
to produce biofuel. In addition, the distributed nature of biomass necessitates the
development of small-scale bioreneries which will also require reactors capable of pro-
cessing and distributing biofuel locally. For this we turn to small-scale autothermal
reactors capable of thermochemical processing of biomass to biofuel. An autothermal
staged reactor consists of an upstream catalyst responsible for catalytic partial oxi-
dation (CPO) which generates hydrogen and process heat needed to drive reactions
on a downstream zeolite stage.
Reactions in an autothermal staged reactor are heat-integrated and small-scale,
making these reactors potentially useful for a biorenery. The challenge in develop-
ing autothermal staged reactors is in integrating multiple catalytic functions requiring
dierent operating conditions such as temperature and space velocity. In this thesis,
the autothermal staged reactor is developed by initially studying relatively simple
systems such as butanol dehydration and isomerization in Chapter 2 and eventu-
ally extending the analysis to more complex and realistic systems such as cellulose
upgrading in Chapter 5.
Integration of CPO and zeolite functionalities is discussed in Chapter 2, where
butanol, considered an advanced biofuel, is dehydrated and isomerized to butene
isomers. Higher butene yields were obtained from butanol when the catalyst used
did not contain Brnsted acid sites such as -Al2O3 or when the zeolite used, such
as HFER, contained pores that were too small to permit competing reactions such
as oligomerization to occur. Up to a 95% butene yield was obtained with HFER at
temperatures from 280-350 ○C.
The staged autothermal reactor concept was extended in Chapter 3 from butanol
to hexane, decane, and 2-decanone which were used to probe the extent of isomer-
ization, cracking and deoxygenation as a function of carbon chain length and oxygen
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functionality. While the kinds of reactions butanol underwent were largely limited
to dehydration, parans and alkanones can undergo isomerization and cracking over
zeolites in a staged autothermal reactor. A maximum 36% aromatics yield was ob-
tained from a 2-decanone feed at 400 ○C over zeolite USY in contrast with a less than
5% aromatics yield from decane under identical conditions.
The staged autothermal reactor was applied in Chapter 5 to cellulose upgrading,
a feedstock more similar to actual biomass than either butanol or parans. The
staged autothermal reactor enables solids such as cellulose to be upgraded over het-
erogeneous catalysts such as zeolites by going through a pyrolysis vapor intermediate.
Microcrystalline cellulose particles were fed to the reactor and pyrolyzed to volatile
organic compounds that were subsequently upgraded over a second stage containing
HZSM-5 at 500 ○C. A maximum 24% yield of aromatics and 20% yield of C2−4 olens
and parans were obtained from the pyrolysis vapor entering the second stage.
Pyrolysis oil contains species such as ketones whose acidity and corrosiveness make
chemical storage dicult. Bifunctional catalysts such as those containing both metal
and acid functionality can be applied to upgrade ketones more eectively than mono-
functional catalysts. Upgrading of butanone over Pt/-Al2O3 mixed with HZSM-5
is discussed in Chapter 4. A 99% selective stream of butane was obtained from bu-
tanone at 67% conversion and 160 ○C with minimal C-C bond scission, an important
characteristic in any biofuel process.
Glycerol conversion to olens is possible with a three-stage isothermal reactor over
a combination of HZSM-5, HBEA, and Pt or Pd catalysts and is discussed in Chapter
6. Glycerol can be converted to propanal which can undergo aldol condensation to
form olens ranging in size from C2−5 along with small amounts of aromatics and
minimal amounts of CO. A maximum yield of 70% was obtained when propanal was
reacted over HBEA in the absence of acetaldehyde at 500 ○C. Catalyst lifetime was
also extended from 10 min to at least 150 min for a pure propanal feed.
In this thesis, the chemical functionality of autothermal reactors and multifunc-
tional catalysts is expanded and developed for a wide scope of applications|from
dehydration of simple alcohols to cellulose upgrading. The autothermal staged reac-
tor represents an attempt at designing a small-scale and heat-integrated system for
potential use in a biorenery.
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CHAPTER
ONE
INTRODUCTION
In this section, the motivation and potential applications for biofuel production are
discussed for autothermal reactors containing additional catalytic functions. Research
in biofuels, the only known source of renewable carbon, is motivated by the environ-
mental concerns of fossil fuel consumption.1 First-generation biofuels such as ethanol
and biodiesel have been successfully commercialized but have been unable to sup-
plant a signicant percentage of U.S. petroleum consumption, primarily because of
the high oxygen content2,3 and distributed nature of biomass.4,5 Second-generation
biofuels such as cellulosic ethanol originate from biomass feedstocks that are cheaper
to produce but more expensive to convert to fuel.6
Methods such as gasication and pyrolysis have been developed to convert cel-
lulosic feedstocks to biofuels, however, these processes require large energy inputs
and can produce char or chemically unstable bio-oil.6{9 Autothermal reactors, rst
developed by Hickman and Schmidt in 1993,10 circumvent many of these problems
by converting a wide-range of feedstocks, including cellulose, to syngas and pyrolysis
oil with no external heat input and negligible deactivation.10{13 While syngas can be
upgraded to hydrocarbons via conventional processes such as Fischer-Tropsch,14,15
pyrolysis oil upgrading is still an active area of research.
Bioreneries will require the development of reactors capable of small-scale biomass
upgrading through techniques such as pyrolysis.16 The theme of this thesis is the
development of autothermal staged reactors containing expanded chemical function-
alities in the form of additional zeolite catalysts capable of biomass upgrading. The
additional compactness, heat-integrated conguration, and versatility in processing a
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wide-range of feedstocks may render it potentially relevant for biomass upgrading in
a biorenery.
1.1 Fossil fuels
Diminishing stores of easily accessible petroleum is motivating research in alternative
sources of energy. The peak of world oil production has been predicted by some to
occur around 2020 with a subsequent decline in production in the ensuing years.17,18
Despite the nite nature of global oil reserves, the world's energy usage is predicted
to grow from 524 to 820 quadrillion BTU between 2010 and 204019 and sustained
economic growth will require ever increasing amounts of oil. For example, China
contributes 5% of the world's Gross Domestic Product yet consumes 15% of the
world's energy.20 The lack of any viable alternatives means fossil fuels will be the the
world's primary energy source for at least another century,21 however, new fossil fuel
based technologies are being developed to extract oil from unconventional sources
such as tar sands and shale gas.
Although the global supply of petroleum is not expected to be depleted in the
next century,21 expansion of new sources of petroleum such as tar sands present
their own environmental challenges.22 While tar sands is becoming a more signicant
source of petroleum, greenhouse gas emissions are approximately 176 kgCO2eq/bbl
compared to 58 kgCO2eq/bbl for conventional petroleum extraction or approximately
three times higher due to additional energy requirements.23 Shale gas extraction, an-
other technology seeing widespread development because it is a source of inexpensive
natural gas, releases less greenhouse gas emissions than does petroleum, however, the
environmental impact of drilling uids are still widely debated.24 The high energy
density makes petroleum an excellent fuel, however, consumption is not sustainable
indenitely.
1.2 Biofuels
The search for a sustainable energy source has led researchers to biologically-derived
fuels. An overview of the various biofuel technologies available and still under devel-
opment rst warrants a discussion of biomass structure and properties.
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Figure 1.1: Structure of cellulose
1.2.1 Structure of biomass
Biomass is composed primarily of cellulose, hemicellulose, and lignin. Cellulose
([C6H10O5]n), a biopolymer shown in Figure 1.1, contains 5000 to 10000 anhydrous
glucose residues linked by -1,4 glycosidic bonds and comprises about 40-50 wt%
of lignocellulosic biomass.6 The equatorial conguration of the glycosidic linkages
enables cellulose to form microbers bound by Van der Waals forces and hydrogen
bonding. The microbers tend to crystallize25 which makes cellulose insoluble in
water and resistant to hydrolysis.26 The crystallinity of the microbers confers sti-
ness to plant cell walls. Hemicellulose accounts for 25 to 35 wt% of biomass and
is composed of a mixture of polymerized monosaccharides.6 Lignin, a component of
biomass that has no dened structure, is composed of a branched 3D network of
phenolic compounds that helps bind cellulose bers together.6,27
1.2.2 First-generation biofuels
First-generation biofuels are fuels such as ethanol made from starch28 and biodiesel
made from vegetable oil.29
Corn ethanol
Much interest has been generated in biomass conversion to fuel because it is the only
known source of renewable carbon and the only conceivable alternative fuel for appli-
cations that require liquid fuels.1 Biofuel consumption is also more environmentally
friendly than petroleum consumption and does not release as much CO2 into the
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atmosphere as fossil fuels.28 The reduction in greenhouse gas emissions is an attrac-
tive possibility considering that, in 2011, the United States released 2.3 billion metric
tons of CO2 into the atmosphere, or approximately 20% of the global CO2 emissions
30
despite making up only 5% of the global population.
Biofuel production in the United States consists mostly of ethanol.28 In 2005,
approximately 4 billion gallons of ethanol was produced, corresponding to usage of
about 14% of the total U.S. corn harvest.29 Correspondingly, biodiesel production
was approximately two orders of magnitude lower than ethanol. Ethanol is consid-
ered a rst generation biofuel and many alternatives are being sought because the
energy gained from ethanol is only about 25% greater than the energy required to
produce it.29 Corn ethanol currently only becomes economically viable by selling the
byproducts as animal feed.29 Additionally, ethanol requires corn as a feedstock which
has triggered a debate about corn utilization for food vs. fuel.29,31,32
Biodiesel
Biodiesel is synthesized by transesterication of vegetable oil with a high content
of triglycerides to form one mole of glycerol and three moles of fatty acids that
contain approximately 16 carbon atoms on each chain.33 Biodiesel can yield 93% more
energy than is consumed in its production compared to 25% for ethanol29 and can be
synthesized from waste vegetable oils.34 Biodiesel also accounted for approximately
0.1% of U.S. diesel consumption in 2005.
Issues facing ethanol and biodiesel production
The distributed nature of biomass currently prevents biofuel from signicantly sup-
planting conventional petroleum although attempts are being made to circumvent
this problem. Marvin et al. determined the optimal locations of hypothetical small-
scale bioreneries by taking into account factors such as biorenery capacity, process
yield, and transportation costs in a way that minimizes costs.4,5 Even with optimized
models for biorenery locations, technologies currently under development must con-
tend with both the distributed nature and chemical complexity of biomass. Cellulose
([C6H10O5]n) contains approximately 50 wt% oxygen|high compared to petroleum
which contains only trace amounts.
Biodiesel production also faces its share of obstacles such as the high cost of veg-
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etable oil.34 Biodiesel production from waste vegetable oil is under development in
an attempt to lower the price of the biodiesel precursors.34 The surplus of glyc-
erol byproduct is also a signicant impediment to large-scale implementation of
biodiesel.35,36 Biodiesel production forms an estimated 10 wt% of crude glycerol which
must be separated and rened if it is to be sold.35,36 New markets for glycerol are
being sought to prevent a glycerol excess that would reduce the price too much for
biodiesel to be economically viable on a large scale.36
1.2.3 Second-generation biofuels
Second-generation biofuels are fuels which have not yet been mass produced but have
advantages over rst-generation biofuels such as reduced production costs37 and are
still an active area of research.
Cellulosic ethanol
Among the many alternatives to corn ethanol is cellulosic ethanol derived from feed-
stocks such as switchgrass which require less energy and fertilizer to produce. Switch-
grass also does not compete with crops that could be used for human consumption
and fuel derived from cellulosic sources can potentially supplant up to 30% of U.S.
petroleum consumption.31 Additionally, cellulosic ethanol has the potential to reduce
greenhouse gas emissions by up to 86%.38 Schmer et al. found that cellulosic ethanol
yields 500% more energy than is consumed for its production28 yet widespread imple-
mentation has not yet been accomplished due to the high cost of the enzymes needed
to break down cellulosic biomass to ethanol.39 By contrast, the rst-generation tech-
nology used to ferment starch, a polysaccharide similar to cellulose, into ethanol has
been employed since ancient times.40
Gasication
Gasication is being investigated as a means of converting biomass to synthesis gas
(H2 and CO)
41 which can then be upgraded to liquid hydrocarbons through a con-
ventional process such as Fischer-Tropsch14 discussed below. Biomass gasication re-
quires temperatures ranging from 700 to 1000 ○C7,8 and can be accomplished with or
without the use of a catalyst. Non-catalytic gasication is slower than catalytic gasi-
cation but produces more tar formation because catalysts such as nickel supported
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on alumina can catalyze reforming reactions of tar to syngas.8 Nonetheless, catalysts
such as Pd or Ru supported on SiO2, which also increase the rate of gasication,
7,42
are still susceptible to deactivation caused by tar formation7,43 or from poisoning by
inorganics such as sulfur, chlorine, or alkaline metals contained in biomass.2,3,7
Pyrolysis
Pyrolysis is a process in which a feedstock such as biomass is heated in the absence
of oxygen to temperatures between 300 - 500 ○C at which point the ordered chem-
ical structure breaks down to form hundreds of dierent compounds.6,7 The kinds
of products that form depend on the pyrolysis conditions used. For example, long
residence times on the order of hours cause biomass to form char and tar with a low
oxygen content which can be subsequently used as a solid fuel. By contrast, biomass
pyrolysis at short residence times, on the order of seconds or milliseconds, cause the
ordered biomass structure to collapse into a complex and viscous solution known as
bio-oil. The short residence time is insucient for allowing char formation to occur
resulting in a liquid product instead of a solid.6 Bio-oil contains hundreds of dierent
oxygenated compounds9 which render it acidic and unstable.44,45 Bio-oil still retains
a sizable energy density46 and is a liquid which facilitates transportation to reactors
that can carry out further upgrading reactions to biofuels.47,48 The advantages of fast
pyrolysis include a high throughput, thermal eciency and low production costs.6
Oxidative pyrolysis is a process where the process heat needed to pyrolyze biomass is
generated from combustion of the biomass itself and was pioneered by Salge et al. for
use in short contact-time reactors.49 The internal heat source enables the process to
have a higher degree of heat transfer than more conventional pyrolysis processes and
can occur over catalysts with no deactivation due to the lack of coke formation.44,50
The specics of cellulose pyrolysis in autothermal reactors is more fully developed
below in Section 1.3.2.
1.3 Catalytic partial oxidation
One alternative method of gasication is by autothermal catalytic partial oxidation
(CPO). CPO has been under development by Schmidt and coworkers since 1993 when
Hickman and Schmidt demonstrated a method of producing hydrogen from methane
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autothermally with no catalyst deactivation.10 CPO, shown in Equation 1.1, is com-
monly carried out in short contact-time reactors (SCTRs)|reactors that operate at
residence times in the domain of milliseconds. Oxidation of a hydrocarbon feedstock
in a SCTR yields complete oxidation products such as CO2 and H2O as well as par-
tial oxidation products, H2 and CO, also known as syngas. Methane reacted with
oxygen in the presence of nitrogen in a SCTR can form H2 and CO in a 2:1 ratio
(Equation 1.1), a ratio ideal for syngas upgrading via conventional processes such as
Fischer-Tropsch.
An SCTR can couple strongly exothermic combustion of a gas like CH4 (-802
kJ mol-1) with highly endothermic steam reforming (206 kJ mol-1) resulting in a
steady state stream of syngas, CO2, and H2O.
10,51 The thermodynamics of conven-
tional steam reforming necessitate large quantities of heat input which, in a SCTR,
is supplied in a heat-integrated conguration by coupling with upstream exothermic
combustion. When a small portion of the reactant stream in a SCTR is combusted
in the rst 2-3 mm of the bed, a region known as the oxidation zone, the process
heat drives endothermic reforming over the remainder of the catalyst called the re-
forming zone52 (Figure 1.2). The increased rate of endothermic reforming over Rh
of a reactant such as CH4 causes the operating temperatures to be lower and the H2
selectivity to be higher when compared with the same reaction over Pt.53
CH4 + 12O2 Ð→ 2H2 +CO Hr = −36 kJ/mol (1.1)
1.3.1 CPO of gases and liquids
Hydrocarbons
CPO has been extended to the oxidative dehydrogenation of ethane to ethylene54 and
liquids such as hexadecane.11,12 At temperatures greater than 600 ○C, hydrocarbons
such as hexane, decane, and hexadecane can undergo thermal cracking to form -
olens.11,12 Reactants such as diesel11 and octane isomers55 also undergo both CPO
and thermal cracking to form syngas, CO2, H2O, and -olens.
Oxygenates
CPO has been studied as a means of converting bio-oil56{58 and butanol59 into syngas.
A staged reactor conguration has also been used as a means of producing high
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Figure 1.2: General schematic of CPO in a SCTR.
purity hydrogen from isobutanol for potential use in a fuel cell.60 CPO of iso-butanol
was carried out over a 1 wt% Rh-1 wt% Ce catalyst to produce syngas, CO2, and
H2O. Steam addition promoted steam reforming of butanol which resulted in a H2
selectivity of 105% at 650 ○C. The euent was passed over a second catalyst stage
containing a 1 wt% Pt-1 wt% Ce catalyst optimized for water-gas-shift (WGS).61
The additional steam helped drive the second-stage WGS reaction boosting the H2
selectivity to 122% at 510 ○C and resulting in an euent containing a maximum 3
mol% of CO, a concentration comparable to the euent of industrial high temperature
shift catalysts.60 The staged reactor conguration is further developed in Chapters
2, 3, and 5 but with the combination of both metal and acid functionalities, rather
than two metal functionalities.
1.3.2 CPO of solids
CPO has been extended to solid feedstocks as well such as polyethylene,62 polystyrene,63
and cellulose.13,50 Solids reacting over a noble metal catalyst such as Rh at 700 ○C
under autothermal conditions undergo a process known as reactive ash volatilization
(RFV).13,49,50 The incoming solid particle impacts the catalyst surface where it under-
goes a phase transition to liquid which subsequently volatilizes and passes through
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the catalyst. The vapors formed from RFV of solid feedstocks are what undergo
steam reforming and thermal cracking reactions to form syngas, CO2, H2O, among
other products. CPO of polyethylene62 forms hydrocarbon chains ranging in length
from C12−30 at temperature from 600-1000 ○C while CPO of polystyrene results in an
80% yield of the styrene monomer at 600 ○C63 over noble metal catalysts such as Rh
and Pt.
Biomass processing can also occur at high temperatures in the oxidative environ-
ment found in autothermal reactors over noble metal catalysts such as rhodium and
platinum impregnated on an alumina support.13,49,50 Cellulose fed to an autothermal
reactor undergoes RFV and breaks down to form pyrolysis oil vapors containing hun-
dreds of dierent compounds at temperatures around 800 ○C. The pyrolysis vapors
undergo reforming to syngas, CO2, and H2O. Minimal deactivation is observed be-
cause the heat transfer rate to the cellulose particles was too high for char formation
to occur.13 The proportions of bio-oil vapors and CPO products can be tuned by vary-
ing the fuel to oxygen ratio. A maximum 60% pyrolysis vapor yield was obtained over
Pt/-Al2O3 spheres at 660
○C.44 The zeolitic-upgrading of pyrolysis vapors formed
from RFV of cellulose is explored in Chapter 5.
1.4 Solid-acid catalysts
Solid-acid catalysts such as zeolites and -Al2O3 are used extensively in this thesis
and a brief introduction to catalyst structure, adsorption, and the relevant classes of
reactions that zeolites can catalyze are discussed below.
1.4.1 Zeolite structure
Zeolites are crystalline microporous materials composed of silica with aluminum sub-
stitutional impurities. The substitutional impurity of a 3-coordinated aluminum atom
in a lattice of 4-coordinated silicon atoms creates a charge build-up on an adjacent
oxygen atom. The charge build-up can attract a proton counter-ion and serve as
a catalytically active Brnsted acid site.64 Conversion and product formation over
zeolites is strongly inuenced by shape selectivity eects caused by the zeolite pore
size. Shape selectivity in zeolite pores alters the types of products that form by either
preventing products larger than the pore size from diusing in to an active site or
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by preventing a product larger than the pore size from forming in the pore. A well
known example is the disproportion of toluene reaction to form benzene and xylene
isomers. The product stream can be enriched in p-xylene if the pore size is small
enough to prevent the wider o- and m-xylene isomers from exiting the pore. For
example, Kaeding et al. obtained an 74% selectivity to p-xylene at 13% conversion
at 600 ○C and a WHSV of 2.8 h-1 over boron-modied HZSM-5 compared to 24% at
50% conversion over unmodied HZSM-5 under identical experimental conditions.65
The authors suggested that boron atoms can decrease the pore openings by hindering
reactant diusion and magnifying shape selectivity eects. Large-pore zeolites like
ultra-stabilized Y or HBEA are more accommodating for larger molecules because of
a decreased extent of shape selectivity eects while smaller-pore zeolites like HFER
have pores that restrict certain kinds of product formation.48 The eects of zeolite
pore size on product distribution are discussed for paran, butanone, and cellulose
feeds later.
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Figure 1.3: Structure of a zeolite
acid site.
Conversion and product formation are also
strongly inuenced by an eect opposite to
shape selectivity in which larger reactants are
adsorbed more strongly than smaller reac-
tants.66 When alkanes of dierent sizes are fed
to a zeolite, the larger compound will adsorb
and convert preferentially over the smaller compounds because the larger compound
has an increased amount of attractive forces with the pore wall.67 For example, De-
nayer et al. fed a mixture of C6−9 linear alkanes at 233 ○C and 450 kPa to USY and
found preferential conversion of the larger compounds and attributed the dierence
to stronger adsorption of the larger reactants. Tailoring a catalyst to be optimal for
selectively forming certain products is an active area of research. The eects of both
shape selectivity and competitive adsorption were observed and are discussed for a
paran feed and cellulose feed in Chapters 3 and 5.
1.4.2 Classes of biomass upgrading reactions
Bio-oil formed from biomass pyrolysis contains hundreds of dierent compounds68
which impart acidity and corrosiveness to the mixture.44,45 Upgrading of surrogates
for compounds formed in bio-oil is an active area of research and has been studied
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over a variety of catalysts such as metal56{58 and zeolite catalysts.69{71 One focus
of this thesis is the upgrading of ketones (Chapter 4), aldehydes (Chapter 6) and a
complete pyrolysis vapor mixture (Chapter 5) over zeolites. Each oxygenate func-
tionality presents unique challenges that must be fully understood before developing
a large-scale bio-oil upgrading process. The classes of reactions that are observed in
this thesis are discussed below.
Alcohol dehydration
Alcohols can undergo ether formation and dehydration over solid-acid catalysts such
as zeolites72{74 or -Al2O3.
75 The heterogeneous acid-catalyzed dehydration of ethanol,
a common surrogate for biomass for its C-H, C-C, and C-O bonds, is a commonly
studied probe reaction for biomass deoxygenation. The alcohol loses the OH group
as H2O and desorbs as an olen. Olens that form from dehydration of butanol, a
potential second-generation biofuel, over a zeolite such as HZSM-5 at temperatures
between 200-350 ○C can undergo subsequent chain-growth reactions to form larger
compounds.72
Aldol condensation of ketones and aldehydes
Ketones69,76,77 and aldehydes78,79 contain electrophilic groups that can lead to chain-
growth reactions such as aldol condensation. Under a zeolite-catalyzed mechanism
proposed by Hoang et al., an aldehyde such as propanal forms an enol which attacks
a second propanal and undergoes subsequent dehydration to form a diene. The olen
cyclizes and dehydrates further to form trimethyl benzene.80 Cracking of the inter-
mediate oxygenated species that form from propanal can produce olens as a nal
product. Olens such as ethylene that forms from methane coupling over Mo/HZSM-
5 catalysts can also be cyclized to form benzene, toluene, and xylenes.64,81,82 The
production of olens from aldehydes via aldol condensation represents one potential
route for biomass deoxygenation because the oxygen leaves the molecule as water.78,80
Oxygenates can promote uncontrolled chain-growth reactions which ultimately result
in coke formation and catalyst deactivation.69,70 Biomass deoxygenation reactions
such as dehydration and aldol condensation remove the oxygen from biomass as wa-
ter72,83,84 instead of CO or CO2 which preserves the carbon backbone structure, an
important characteristic for a biomass upgrading process.
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Hydroisomerization and hydrocracking
Hydroisomerization and hydrocracking, a common operation in the petroleum indus-
try, is employed to balance the high demand for branched gasoline-range hydrocarbons
with the availability of heavy oils.85,86 In a hydroisomerization and hydrocracking
process, a metal-acid catalyst such as Pt/HZSM-5 is utilized to crack and isomer-
ize the feedstock into gasoline-range hydrocarbons. The hydrogenation capability of
the metal component breaks up coke precursors, limiting deactivation, and enabling
the hydroisomerization and hydrocracking catalyst to operate for several years before
requiring replacement.85 The metallic presence also increases the reactivity of the
hydrocarbon feed by dehydrogenating parans to reactive olens. The olens, after
isomerizing and cracking over the zeolite, are hydrogenated back to parans over the
metal.87 Hydroisomerization and hydrocracking is carried out on a small scale and
heat integrated with CPO in a staged autothermal reactor and is the focus of Chapter
3.
1.5 Autothermal staged reactors
Research in autothermal biomass upgrading has been largely restricted to syngas
formation, a reaction that results in the nearly complete breakdown of the carbon
backbone structure. An alternative to CPO are processes, such as those catalyzed by
solid-acid catalysts, that can also produce biofuel but break fewer C-C bonds. In this
thesis, the combination of these multiple catalytic functions is explored through the
use of staged autothermal reactors and multifunctional catalysts. A staged autother-
mal reactor consists of a heat-generating CPO stage and a downstream solid-acid
catalyst stage that can catalyze upgrading reactions of the CPO stage euent. The
autothermal staged reactor was rst developed by Skinner et al. for ethanol dehydra-
tion in 201183 followed by methanol dehydration.88 The concept of a staged autother-
mal reactor is extended further for paran and alkanone processing in Chapters 2 and
3 and for cellulose pyrolysis vapor upgrading in Chapter 5. The combination of mul-
tiple catalytic functions in a single-pipe reactor is faced with challenges in integrating
transition metal catalysts that operate autothermally over a specic range of condi-
tions such as temperatures and space velocities with dierent conditions required for
zeolite catalysts.
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The combination of multiple catalytic functions can also be accomplished by syn-
thesizing a catalyst containing both zeolite and metal functionalities. Multifunctional
catalysts can be used to upgrade biomass more eciently than monofunctional cat-
alysts but each functionality requires a dierent set of reaction conditions to work.
The development of multifunctional catalysts will also require an understanding of
how each functionality works and interacts with the other functionality. A platinum
catalyst combined with a zeolite can catalyze the upgrading of oxygenates more ef-
fectively than a single platinum or zeolite catalyst individually. The behavior of this
bifunctional catalyst is explored for butanone, a surrogate for pyrolysis oil, in Chapter
4.
Lastly, glycerol upgrading to olens is considered in Chapter 6. Glycerol is a
byproduct of biodiesel production and constitutes a signicant weight percentage
of the product.35,36 Without nding new uses or pathways for glycerol, wide-spread
biodiesel production will result in a glycerol oversupply and present a potentially sig-
nicant economic obstacle for larger-scale biodiesel implementation.35,36 The staged
reactor and multifunctional catalyst concepts are explored for glycerol upgrading in
Chapter 6. Rather than combining multiple catalytic functions in a single stage, the
dierent chemical functionalities of zeolites and metals are separated into individual
stages. Glycerol can then be upgraded with this reactor conguration to olens that
can serve as precursors to gasoline or polymers such as polyethylene or polypropylene.
Staged autothermal reactors are small-scale, high-throughput, and heat-integrated
|properties not commonly found together in conventional reactors. The CPO cat-
alyst functions as an internal heat and hydrogen source, obviating the need for an
expensive external heat and hydrogen source. Additionally, autothermal syngas pro-
duction can produce heat and hydrogen from almost any source of hydrocarbons.
Integration of zeolite reactions with CPO results in a reactor that can carry out con-
ventional chemistry but with all the advantages of an autothermal system, potentially
making it an important component in a small-scale biorenery.
CHAPTER
TWO
AUTOTHERMAL REFORMING OF BUTANOL TO
BUTENES IN A STAGED MILLISECOND REACTOR:
EFFECT OF CATALYSTS AND ISOMERS1
The development of autothermal staged reactors began with a study of ethanol dehy-
dration83 and methanol dehydration88 over a zeolite catalyst in a staged autothermal
reactor. In this chapter, the dehydration and isomerization of butanol is studied in
an autothermal short contact-time reactor containing a 1 wt% Pt stage followed by a
zeolite or -Al2O3 stage downstream to convert butanol into butenes with up to 95%
yield at residence times on the order of 100 milliseconds. CH4 is fed as a sacricial
fuel to the Pt stage and butanol is fed between the stages to avoid undesired oxidation
and reforming reactions of butanol over Pt. The energy released by CH4 catalytic
partial oxidation drives downstream butanol dehydration and isomerization. The ef-
fect of the catalyst is studied by comparing the performance of HZSM-5, HFER, and
-Al2O3 catalysts. Higher yields (20%) of butenes were obtained with -Al2O3 and
HFER than with HZSM-5. The absence of Brnsted acid sites in -Al2O3 and the
small pore structure of HFER lead to reduced yields of large side products such as
higher hydrocarbons that promote oligomerization reactions. A 95% butene yield
is obtained with HFER at temperatures ranging from 280-350 ○C and a 95% yield
with -Al2O3 at temperatures between 320-350
○C. Only a 75% butene yield was
1Portions of this chapter appear in H. Sun, S. Blass, E. Michor, L. D. Schmidt, \Autothermal
reforming of butanol to butenes in a staged millisecond reactor: eect of catalysts and isomers,"
Appl. Catal., A 445-446 (2012) 35-41. © 2012 Elsevier B.V.
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obtained with HZSM-5 at 230 ○C. The eect of hydrocarbon structure on product
formation is studied by comparing conversions of each butanol isomer using a heated
tube reactor at temperatures between 200-400 ○C. The reactivity of butanol follows
as: t-butanol > 2-butanol > iso-butanol > 1-butanol. Both trans-2-butene and cis-
2-butene are primarily formed from linear butanol isomers, while isobutene forms
from branched butanol isomers. Conversions and product distributions of butanol
isomers formed over HZSM-5 in a staged reactor are comparable (<10% dierence
across all species) with data using a heated tube reactor at similar temperatures.
We successfully demonstrate an alternative pathway to dehydrate butanol to butenes
with an autothermal staged reactor when compared with conventional methods for
applications in small-scale biomass utilization. The largest advantage of this reactor
is the integration of highly exothermic autothermal stage and endothermic alcohol
dehydration stage which provides an alternative processing technique to maintain the
bed temperature.
2.1 Introduction
Signicant research has focused on the development of processes to convert biomass
to fuels and chemicals with the goal of decreasing dependence on fossil fuels. The pro-
duction of butanol from biomass has recently attracted both industrial and academic
interest.89,90 Various processes for producing butanol isomers from biomass are de-
scribed in the literature. 1-butanol can be produced by traditional ABE fermentation
process with a production ratio of 3:6:1 of acetone: butanol: ethanol. Recently, Liao
et al.91 demonstrated that iso-butanol can be produced by yeast or micro-organism
from sugar, such as glucose or cellulose. A biosynthetic pathway reported by Atsumi
et al.92 achieved a high yield, high-selectivity production of iso-butanol from glucose.
Butenes are currently priced lower than butanol and thermal conversion results
in inevitable process ineciencies. However, deoxygenation of butanol is investigated
as a means of increasing energy density for potential use as a transportation fuel
or chemical precursor in addition to a fuel additive. In addition, dehydration of
butanol into butenes has a potential application on improving market acceptance of
alcohols. In spite of a lot of eorts, alcohols have rarely gained acceptance beyond
their inclusion as blending components in the fuel. The conversion of butanol into
butenes overcomes this obstacle and results in the production of material that is
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valuable as fuel intermediate and as petrochemical intermediate.
Previous studies have focused on the mechanisms of butanol dehydration over
solid-acid catalysts,93{95 and skeletal isomerization of linear butene into branched
butenes.96{99 Butene can play a prominent role in the fuel production. The butene
isomers obtained from butanol dehydration can be oligomerized to liquid fuels for
transportation purposes.100{102 In the alkylation process, one mole of C4 olens re-
acts with one mole of isobutane to form an isoparan whose carbon number is greater
by 4.103 In addition, isobutene is also widely used as a precursor for polymers and
octane-enhancing additives for gasoline.95 Traditionally, isobutene is produced via iso-
merization in a heated tube from linear butene with a 40% yield with residence times
up to 10 seconds.96,98 Linear butene is obtained by catalytic cracking of petroleum
products.95
Autothermal staged reactors have been studied as a means of deoxygenating
biomass using ethanol as a model compound.83 Our previous results demonstrated
methanol dehydration to dimethyl ether (DME) with high yield (∼80%) and ethanol
dehydration to ethylene with a 95% yield in a staged reactor at a residence time of
100 milliseconds.83,88 In this work, we extend this analysis to butanol because the
feedstock contains a greater number of C−C bonds than methanol or ethanol thus
enabling it to undergo both dehydration and isomerization reactions. Concurrent
dehydration and isomerization reactions of butanol isomers to butenes are rarely re-
ported in the literature. The novelty of the staged reactor lies in the combination of
two catalytic functions in a single tube. The upstream Pt stage functions as an inter-
nal heat source by catalyzing partial oxidation reactions of CH4. The energy released
heats the downstream zeolite stage which catalyzes dehydration and isomerization
reactions. The autothermal staged reactor is a departure from conventional meth-
ods of producing butene from butanol, because heat is generated internally rather
than being provided externally. The largest advantage of this reactor is that it pairs
exothermic and endothermic dehydration chemistry which provides an alternative
processing technique to maintain an adequate bed temperature.104 Dehydration and
isomerization in a staged reactor occurs at residence times of approximately 100 mil-
liseconds which is faster than conventional processes (residence time is ∼100 times
larger ).96,98 Small scale butanol processing in an autothermal staged reactor is a
high throughput process and is a good candidate for replacing conventional fuel and
chemical platforms in a biofuel-driven economy. In this work, 1 wt% Pt/-Al2O3 was
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used for catalytic partial oxidation (CPO) reactions on the rst stage and HZSM-5,
HFER, or -Al2O3 for butanol dehydration/isomerization on the second stage. The
axial temperature gradient along the downstream stage was resolved to help explain
reactor performance. The eect of hydrocarbon structure was investigated by reacting
four dierent butanol isomers into the heated tube reactor. The product selectivities
and yields obtained from experiments with a heated tube reactor and autothermal
reactor containing HZSM-5 catalyst are compared. Finally, the results lead to the
development of an autothermal steady state operating conguration that permits in-
tegration of CPO of CH4 and deoxygenation of biomass derived butanol chemistry at
high process feed rates.
2.2 Materials and Methods
A schematic of the staged reactor is shown in Figure 2.1. Platinum (1 wt%) was
coated on ceramic foam monoliths (99.5% -Al2O3) 18 mm in diameter and 10 mm
length with 45 pores per linear inch (ppi) using the incipient wetness method.50,105,106
Uncoated foams were placed at the front- and back-faces of the catalyst to reduce
axial heat loss. All monoliths were wrapped with ceramic insulation to eliminate gas
bypass. K-type thermocouples were placed at the center of the monolith to measure
catalyst temperatures and the reactor was insulated with berfrax insulation. Each
catalyst was used for at least 20 h with no signicant deactivation or observed coke
formation. All experiments were carried out at atmospheric pressure.
Commercial catalysts (Zeolyst) NH4-ZSM-5 powder with Si/Al=25 and NH4-FER
powder with Si/Al=28 were used. The proton form of the zeolite was obtained by
calcining the ammonium form in a furnace from room temperature to 500 ○C with 1○C/min temperature ramp and 5 h soak in air. Either HZSM-5, HFER, or -Al2O3
(0.6g) was mixed with 2.4 g of quartz and ituated between two 80 ppi monoliths in
the reactor. The zeolite was regenerated in a furnace at 600 ○C with a total ow
of 1 standard liter per min (SLPM) of air for 1 h. The upstream and downstream
stages were separated by 80 mm. A fused silica capillary (Agilent, 0.53 mm ID) was
placed in the center of the reactor through a bottom port which was then sealed with
a septum as a guide for a thermocouple. The axial temperature prole was measured
by motion of the thermocouple inside the quartz capillary tube.52,54 . CH4 was fed
as a sacricial fuel to the Pt stage at 0.2 SLPM. The C/O ratio, dened as the molar
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Figure 2.1: Simplied schematic of the heated tube reactor (left) and autothermal
staged reactor (right) for butanol dehydration and isomerization reactions. The arrow
direction indicates the direction of the ow. The dotted lines represent the ow
pattern of butanol vapor.
feed rate of methane over the twice the molar feed rate of O2, was changed by varying
oxygen ow. Butanol isomers were introduced to the reactor at 0.18 ml/min. Butanol
was vaporized using a syringe pump and a resistive heating element and introduced
into the reactor halfway between the two stages through a 1/8 inch stainless steel tube
containing 8 holes (0.016" ID) and welded shut at one end as shown in Figure 2.1.
The holes allowed for more uniform dispersion of butanol vapor in the reactor. The
total ow rate to the reactor was held constant at 1.7 SLPM.
Gas samples of products at steady-state were identied and analyzed by a gas
chromatograph equipped with thermal conductivity and ame ionization detectors.
Response factors and retention times were determined by calibrating known quantities
of species relative to N2 which was used as an internal standard. Gas ow rates
were controlled by mass ow controllers (Brooks Instrument). The carbon balance is
typically closed within 10%. The conguration of the heated tube reactor is similar
to the staged reactor but without the Pt stage. A quartz tube (19 mm ID) placed
inside a clamshell furnace as shown in Figure 2.1. The total ow rate was maintained
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at 1.7 SLPM with the same amount of butanol introduced (0.18 ml/min). Reaction
temperature was controlled by a temperature controller (Omega, CSC32).
2.3 Results and Discussion
2.3.1 Autothermal staged reactor: top stage
The hydrogen and CO selectivities of the top stage are plotted in Figure 2.2A. Fig-
ure 2.2A also depicts the upstream and downstream stage temperatures (right y-axis).
The reaction temperature of the downstream zeolite stage is controlled by adjusting
the C/O ratio on the upstream Pt stage. Higher temperatures are obtained by feed-
ing more oxygen into the reactor to increase the amount of combustion. The kinetics
of catalytic partial oxidation on Pt is too slow to enable the CPO reaction to reach
equilibrium.107 The gas samples were taken between two stages before the butanol
was introduced. The methane conversion decreases as C/O is increased. Oxygen con-
version was 100% because the kinetics of combustion are fast enough in Pt such that
all oxygen is consumed even if the reaction is kinetically-limited.53 The temperature
regime on the Pt stage ranges from 500 ○C to 825 ○C as C/O is varied from 0.53 to
1.67. This resulted in zeolite temperatures ranging from 200 to 355 ○C. The vertical
bar in Figure 2.2A indicates that the dierence in top and bottom temperature on the
second stage is ∼50 ○C with HZSM-5. Despite the 300 ○C variation in temperature of
the Pt stage, the zeolite stage temperature gradient is consistently -3.3 ○C/mm be-
cause the reactor is well insulated with ∼0.4 J/cm2-s heat lost as reported in previous
results.88
The axial temperature prole in the reactor shown in Figure 2.2B with an isobu-
tanol feed at various C/O ratios. A noticeable temperature drop (up to 70 ○C) is
apparent at a 55 mm distance from the Pt stage which is where butanol was intro-
duced into the reactor. This temperature drop is attributed to heat transfer between
the Pt stage exhaust at 500-700 ○C to the butanol vapor at 150 ○C. A steeper drop
in temperature is observed at low C/O ratios where the back shield monolith tem-
perature can reach up to 700 ○C. At the C/O = 1.40-1.67, the temperature gradient
is constant between the two stages while at the C/O = 0.53-1.11, the temperature
gradient increases at 80 mm. At higher temperatures, a greater rate of heat transfer
to the butanol vapor occurs. Butanol has to travel farther before radial heat loss
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Figure 2.2: (A) Hydrogen selectivity (SH) and CO selectivity (SCO) and temperature
proles at various C/O ratio in the autothermal reactor. This shows that at higher
C/O ratio, it associates with lower SH and SCO, and also lower TPt and Tzeolite.
(B) Axial temperature prole at dierent C/O ratio vs. position in the autothermal
reactor. This demonstrated that there is a signicant temperature drop (< 65 ○C) at
where butanol is introduced. Temperature decreases as distance is increased further
from the top stage. In both gures,the catalyst is HZSM-5 with an isobutanol feed.
becomes signicant again. At 80 mm, the temperature gradient returns to its orig-
inal value. The temperature gradient is approximately linear in the zeolite region,
suggesting radial heat loss might be dominant and any thermal contribution from
dehydration/isomerization reaction may be negligible.
2.3.2 Autothermal staged reactor: eect of catalysts
Figures 3 and 4 depict C4 olens yields and butanol conversion over -Al2O3, HFER
and HZSM-5 catalysts in the autothermal staged reactor. The axial downstream
stage temperature is averaged (Tavg). The corresponding C/O ratio is shown on the
top axis. As shown in Figure 2.3, the total C4 olen yield over HFER and -Al2O3
increases with Tavg and reaches a maximum of 90-95% between 280 and 350
○C. Over
HZSM-5, the C4 olen yield goes through a maximum of 75% at 230
○C after which
it decreases with increasing temperature. The temperature at which a maximum C4
olen yield is obtained over HFER is 40 ○C lower than yields over -Al2O3 _Over all
three catalysts studied, the C4 olen yield from 1-butanol followed the same trends
as those from isobutanol but required an additional 20 ○C to reach same yields.
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Figure 2.4 shows 1-butanol and isobutanol conversion and the selectivities of all
observed C4 species over each catalyst studied as a function of Tavg. As seen in Fig
4A-D, conversion of isobutanol over -Al2O3 reaches 100% at 320
○C and over HFER
at 280 ○C, while the total C4 selectivity remains constant at 90-95%. On -Al2O3
and HFER, no isobutene is formed from 1-butanol feed, while 50-60% selectivity of
isobutene was observed from isobutanol over -Al2O3 (Figure 2.4A and 40-50% over
HFER (Figure 2.4C). HZSM-5 has the highest activity compared to HFER and -
Al2O3 since the conversion reached 100% at 250
○C which is lower than 280 ○C for
HFER and 320 ○C for -Al2O3 _However, the total C4 selectivity decreased by 50%
over HZSM-5 with increasing temperatures as larger compounds were formed. The
selectivity of isobutene increased by 15% over HZSM-5 (Figure 2.4F), indicating the
occurrence of isomerization reactions.
As evidenced by the conversion of butanol, the presence of Brnsted acid sites
in the catalysts make zeolites more active than -Al2O3 which primarily contains
Lewis acid sites. The high activity of HZSM-5 limited the range of temperatures over
which a high C4 selectivity can be obtained. A high C4 selectivity was only obtained
over HZSM-5 between 200-250 ○C but it can be reached over the entire range of
Tavg studied with HFER and -Al2O3. The 10-membered ring (10-MR) HZSM-5
has larger cavities that exist in place of channel intersections which make it more
active than HFER which has only 10x8 MR pores.96 -Al2O3 primarily has Lewis
acid sites which are too weak to catalyze oligomerization and isomerization reactions.
Therefore C4 olen yields were higher over HFER and -Al2O3 because C4 olens were
not consumed in oligomerization and isomerization reactions. In addition, HFER is
suggested to be optimal for isomerization of linear butenes to isobutene due to shape
selectivity eects.98,108,109 HFER has a pore size enabling isobutene diusion but
suppressing dimer and oligomer formation which are byproducts and cause catalyst
deactivation.
While there is precedence for isomerization reactions of C4 hydrocarbons over
HFER, the conditions used previously are signicantly dierent than ours. Menorval
et al. reported isomerization of n-butene to isobutene on HFER with residence times
ranging from 1 min to 4.7 min, and achieving conversions of 15.3% to 43.8% at 350○C, respectively.110 In Figure 2.4C, the C4 selectivity over HFER remained relatively
constant indicating the lack of isomerization reactions, however, this might simply
be due to the short residence times used (100 milliseconds compared with 1 minute
2.3 Results and Discussion 22
Figure 2.3: C4 olen yield in autothermal staged reactor at various C/O ratios for
three catalysts, (●)HFER catalyst, (∎) HZSM-5 catalyst and (▲) -Al2O3 catalyst
with isobutanol feed; (◯)HFER catalyst, (◻) HZSM-5 catalyst and (△) -Al2O3 cat-
alyst with 1-butanol feed. Open symbols are C4 yields with 1-butanol feed, while
closed symbols are those with isobutanol feed. We take the average temperature of
the top and bottom temperature to represent the average temperature (Tavg) of the
second stage. Here, the temperature of every data point is the average temperature,
and it has a corresponding C/O ratio shown on the top axis.
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Figure 2.4: C4 olen selectivity, conversions for autothermal reforming of iso-
butanol(left panel) and n-butanol (right-panel) with three catalysts. (A)-(B) show
C4 selectivity and conversion with catalyst -Al2O3, (C)-(D) is with catalyst HFER
and (E)-(F) is with catalyst HZSM-5; total C4 selectivity (◇), iso-C4 selectivity (●),
trans-2-C4 selectivity (▲), cis-2-C4= selectivity (▼), 1-C4 selectivity (∎), conversion
with dierent butanol feeds (◻). X represents conversion.
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used by Menorval et al.). In Figure 2.4D, trans- or cis-isomers shows a slight change
in selectivity (∼13%), indicating the presence of double bond isomerization between
trans- and cis-isomers, but with no isobutene formation. Comparing the performance
of HFER and HZSM-5, which have the same Si/Al ratio, the extent of isomerization
over HZSM-5 catalyst is more apparent than on HFER and may be attributed to the
larger pore size of HZSM-5.
The deactivation test carried out for three catalysts shows that the conversion of
isobutanol at 400 ○C over HZSM-5 decreases by ±20% over 2 h, due to pore blockage by
carbonaceous deposits formed over Brnsted acid sites. The conversion of isobutanol
over HFER decreased by 10% after 4 h and remained constant over -Al2O3 for 8 h.
The small pore size of HFER and the lack of strong acid sites on -Al2O3 minimize
the production of side products such as higher hydrocarbons which deactivate the
catalysts. This also demonstrates that HFER and -Al2O3 are more suitable catalysts
for autothermal staged reactors than HZSM-5. These catalysts have a slow rate of
deactivation and require temperatures between 280-350 ○C to achieve a high C4 yield.
High temperatures are not an issue for autothermal staged reactors due to an internal
heat source which enables high temperatures to be easily achieved.
2.3.3 Heated tube reactor: eect of isomers
HZSM-5 was chosen as the catalyst to study the eect of isomers because it catalyzes
the formation of a greater range of products than HFER or -Al2O3 enabling us
to probe a larger number of reactions. In Figure 2.5A, t-butanol had the highest
reactivity since the temperature at which it reached 98% conversion (200 ○C) was
lower than temperatures for other isomers. At 200 ○C, 2-butanol, isobutanol, and 1-
butanol reacted with 88%, 72%, and 39% conversion respectively. This result is also
consistent with the higher activation energies of 1-butanol, 2-butanol and isobutanol
dehydration over Na-HZSM-5 catalyst 135-160 kJ/mol, compared to 80 kJ/mol for
t-butanol dehydration at 60-185 ○C.93,111{114 A lower activation barrier for t-butanol
means a lower temperature is needed to reach 100% conversion. In Figure 2.5B, it
can be observed that 1-butanol was mainly transformed into linear butenes between
250-300 ○C, while butenes were transformed into higher olens and parans above
300 ○C. The yields of C5 and C6+ species went through a maximum at 300 ○C, while
the concentration of propylene and ethylene continually increased with temperature.
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This suggests that C5+ products are intermediates while C2 and C3 species are nal
products. The amount of linear butenes, which are primary products in the dehy-
dration reaction, initially decreased due to oligomerization to higher olens. The
butene yield became constant at temperatures greater than 300 ○C. Product distribu-
tions from 2-butanol, t-butanol and isobutanol shared the same trends as 1-butanol
except below 250 ○C where the total C4 yields were dierent according to butanol
isomer reactivity. Dehydration reportedly takes place at temperature less than 150○C while skeletal isomerization occurs at temperatures between 300-500○C with pri-
marily dimerization mechanism over HZSM-5.109 In our studies, the selectivity of C3
was larger than that of C5 at 300-400
○C. We postulate that C5 is the intermediate
product which will be further cracked into C2−3.
In Figures 5C and 5D, the selectivities of C4 olens with 2-butanol and t-butanol
feed are plotted, while those with isobutanol and 1-butanol feed are plotted in Figures
6C and 6D (closed symbol). In Figure 2.6D, trans-isomer which has a Hf = -10.8
kJ/mol is thermodynamically preferred over the cis-isomer which has a Hf = -7.7
kJ/mol even though the cis-isomer is more structurally favored on a catalyst surface
due to reduced steric hindrance.99 In addition, the selectivity of isobutene increased
from 0 to 15% (T = 200-400 ○C) indicating the occurrence of isomerization. Fig-
ure 2.5C shows that the C4 olen selectivities from 2-butanol dehydration are similar
to 1-butanol dehydration (Figure 2.6D). In Figure 2.6C, the selectivity of isobutene
decreased from 64% to 20% (T=200-400 ○C) with isobutanol feed. t-Butanol was
converted to isobutene with greater ease than other butanols, resulting in a high
isobutene selectivity (90% selectivity at 200 ○C as shown in Figure 2.5D).
It is suggested in the literature that a carbenium-ion transition state forms over
the Brnsted acid site in the dehydration/isomerization proccess.74,96,115,116 Willams
et al. suggest the presence of an alkoxide intermediate for butanol dehydration at
temperatures less than 150 ○C.93 In our experiments, dibutyl ether was not observed
due to its instability at high temperature (>200 ○C). The dierences in products
formed from each butanol isomer are attributed to the dierent intermediate struc-
tures that form. We postulate that butanol forms an alkoxide intermediate by elim-
inating water. The alkoxide structure then isomerizes to another alkoxide structure
via a carbenium-ion-like transition state. The lack of isobutanol formation from
1-butanol reactions over all catalysts is evidence of a series reaction in which dehy-
dration to an alkoxide is followed by isomerization. Branched products (isobutene)
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Figure 2.5: (A) Conversion of 4 butanol isomers in a heated tube reactor over HZSM-
5 at various temperatures. (B) Product yield of heated tube reactor over HZSM-5
catalyst with 1-butanol feed at various temperatures, (C) C4 species selectivity for
2-butanol in a heated tube reactor over HZSM-5 catalyst. The C2−3 and C5−6+ are
not shown here for simplicity. (D) C4 species selectivity for t-butanol in a heated
tube reactor over HZSM-5 catalyst. Structures II and IV are corresponding alkoxide
structures formed in isomerization process.
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Figure 2.6: (A-B) Comparison between autothermal staged reactor (open symbol) and
heated tube reactor (closed symbol) in terms of product distribution and C4 selectivity
(C-D). Autothermal reaction product selectivity is plotted vs. Tavg (bottom x-axis)
and C/O ratio (top x-axis). The C2−3 and C5−6+ selectivities are not shown here for
simplicity. Structures I and III are corresponding alkoxide structures formed in the
isomerization process.
2.3 Results and Discussion 28
form from branched butanol isomers such as t- and isobutanol while linear products
(1-butene, 2-butene) form from linear butanol isomers such as 1- and 2-butanol. We
postulate that linear alkoxide intermediates (structure I in Figure 2.6D and II in Fig-
ure 2.5C) are isomerized into branched products (structure III in Figure 2.6C and
IV in Figure 2.5D) via a methyl-cyclopropyl carbenium-ion-like transition state be-
fore desorbing as olens.74,115 Greater stability in branched alkoxides compared with
linear alkoxides leads to a decrease in isomerization to linear products.
2.3.4 Autothermal reactor vs. heated tube reactor and its
implication
Product selectivities from the autothermal staged reactor experiments are plotted
against those from the heated tube experiments in Figure 2.6. With an isobutanol
feed (Figures 6A and 6C), the selectivities of all products (C3−6+), trans- and cis-
isomers, isobutene and 1-butene) from the autothermal experiments are comparable
to those from the heated tube experiments. With a 1-butanol feed (Figure 2.6B), the
total selectivity of C4 and C5 are comparable, while the C3 selectivity was lower in the
heated tube experiments by about 8% and the C6+ selectivity was higher by the same
amount. In Figure 2.6D, the selectivity of trans- and cis-isomers was ∼8% higher in
the autothermal experiments, while 1-butene was lower by the same amount.
The dierences in product selectivities between the heated tube and autothermal
reactors may be due to the temperature gradients found in the autothermal reactor.
The temperatures previously reported here are representative of all temperatures in
the zeolite stage. The product selectivity between the autothermal and heated tube
reactors with isobutanol and 1-butanol feed were comparable to each other (<10%
dierence). The dierences can primarily be attributed to the similarity in the dehy-
dration activation energy of isobutanol and 1-butanol. Williams et al. reported that
the activation energy of isobutanol to isobutene is 138:1 ± 8:4 kJ/mol,93 while the
activation energy of 1-butanol to n-butene is 133.9 ± 8.4 kJ/mol at 105-185 ○C with
Na-HZSM-5 catalysts.112 This shows that the dehydration reaction rate of isobutanol
and 1-butanol have similar sensitivity to temperature. Therefore, the deviation from
heated tube reactor to autothermal staged reactor is comparable with both isobu-
tanol and 1-butanol feed. Additionally, linear butanol isomers undergo isomerization
reactions while branched isomers do not. These isomerization reactions may be more
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sensitive to temperature changes than alcohol dehydration. This increased sensitivity
would result in linear butanol isomers displaying a greater dierence in product selec-
tivities when comparing products formed on a zeolite with a temperature gradient as
in the autothermal reactor or without a gradient as with the heated tube reactor. The
ability to suciently preheat the butanol by direct contact with hot exhaust gases
implies that it is not necessary to employ a red heater or a combustion chamber to
preheat butanol. This could potentially reduce the capital cost of the process.
2.4 Conclusions
Autothermal reforming of butanol isomers were investigated in a staged reactor with
an upstream stage consisting of 1 wt% Pt catalyst on -Al2O3 and a downstream
stage consisting of either -Al2O3, HFER, or HZSM-5 catalysts. The reactivity of the
butanol isomers was studied by comparing their conversions over a range of tempera-
tures. HFER and -Al2O3 have a 90-95% C4 yield while the maximum C4 yield over
HZSM-5 is 75% due to its pore structure and acid strength eects. In the heated tube
reactor, the reactivity of the butanol isomers was as follows: t-butanol > 2-butanol >
isobutanol > 1-butanol. Both trans- and cis-isomers were obtained from linear butanol
isomers, while isobutene was formed from branched butanol isomers. With HZSM-5,
the product selectivities in the autothermal staged reactor were comparable to those
from a heated tube reactor with a dierence of <10%. We demonstrate with the au-
tothermal staged reactor the integration of exothermic and endothermic chemistry.
The direct contact between butanol and hot exhaust gas has the potential to replace
the re heater or the combustion chamber, reducing the capital cost of the process.
CHAPTER
THREE
HYDROCONVERSION OF LIQUID HYDROCARBONS IN
A STAGED AUTOTHERMAL REACTOR1
In Chapter 2, butanol dehydration and isomerization was studied in an autothermal
staged reactor. In this chapter, the autothermal staged reactor concept is applied
to paran hydroisomerization and hydrocracking and 2-decanone deoxygenation. In
contrast with the reactor used in Chapter 2 and for ethanol83 and methanol88 dehy-
dration, the H2 produced from CPO is now consumed in downstream reactions over
a bifunctional zeolite. An autothermal staged reactor was assembled containing a
top stage of Rh-Ce/-Al2O3 which generated heat and H2 by reacting CH4 and air
that passed through a downstream stage containing 0.5 wt% Pt/-Al2O3 mixed with
either HBEA, HZSM-5, or USY in a heat-integrated non-isothermal reactor. The H2
produced subsequently reacts in a 20 ∶ 1 ratio with a co-feed of hexane or decane or
2-decanone fed to the reactor between the stages. The large-sized pores of HBEA
and USY allowed deoxygenation of 2-decanone to form decene isomers which can
crack or cyclize to form up to 36% methylated and ethylated monoaromatics. The
medium-sized pores of HZSM-5 restricted decene formation from 2-decanone by cat-
alyzing cracking reactions to C2−6 compounds which can cyclize to form aromatics.
By contrast, the reactor euent from non-oxygenated reactants decane and hexane
contained less than 5% aromatics. Thus, we extend the scope of staged autothermal
reactor functionality to hydrocracking and hydroisomerization of higher saturated
1Portions of this chapter appear in S. D. Blass, A. Bhan, L. D. Schmidt, \Hydroconversion of
liquid hydrocarbons in a staged autothermal reactor," Appl. Catal., A 451 (2013) 153-159. © 2013
Elsevier B.V.
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and oxygenated hydrocarbons.
3.1 Introduction
The transition from a petroleum-based economy to one centered around biofuels
faces a number of technical hurdles. The distributed nature of biomass sources for
the production of biofuel necessitates smaller local reneries use portable and high-
throughput reactors for processing fuel on-site.16 Autothermal reactors show promise
in this regard11,12,117{120 by carrying out processes similar to those done in conven-
tional reneries such as thermal cracking but at millisecond contact times while using
no external heat input.
Autothermal reactors have been developed to carry out dehydration of methanol88
and ethanol83 as surrogates for biomass. In this work, we investigate hydrocracking
and hydroisomerization of hexane, decane, and 2-decanone as a means of miniaturiz-
ing conventional processes and addressing the demand for high-octane transportation
fuels. A biomass surrogate 2-decanone was studied in place of 14-heptacosanone, a
promising alternative fuel source.121,122
Hydrocracking and hydroisomerization reactions are typically carried out over
bifunctional catalysts with Pt123 or Pd124 and a zeolite solid acid catalyst. Weisz
et al.125 proposed that, in presence of excess H2, a paran is dehydrogenated to an
olen over the Pt catalyst. The olen then diuses to an acid site and isomerizes after
which the i -olen diuses back to the Pt and is hydrogenated to an i -paran.115,126{128
Catalyst lifetime is extended because the concentration of olens, known to be coke
precursors,129{131 is limited by Pt under high H2 partial pressures.
Hydrocracking and hydroisomerization was incorporated into an autothermal reac-
tor by situating a bifunctional zeolite stage in series with a noble-metal catalyst stage.
The catalytic partial oxidation reaction (CPO) on the noble-metal (or CPO) stage
generates both the H2 needed for downstream isomerization as well as the process
heat to enable hydroprocessing reactions to occur. Skinner et al. studied dehydration
of ethanol fed between two stages of an autothermal reactor containing 1 wt% Pt on
-Al2O3 beads on one stage and a thin lm of HZSM-5 coated on four monoliths 1
mm in length comprising a second stage and showed that heat loss through the walls
of the quartz tube reactor results in a temperature dierence of approximately 130○C between the front-face of the zeolite bed closest to the noble metal stage and the
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back-face.83 Hydroisomerization and hydrocracking in a conventional reactor is car-
ried out under isothermal conditions,132 however, the zeolite in a staged autothermal
reactor experiences an axial thermal gradient. Hydrocracking is more pronounced at
higher temperatures while hydroisomerization is more pronounced at lower tempera-
tures.133,134 We show that careful control of the hydroisomerization and hydrocracking
product distribution is attainable despite non-isothermal operation because selectivity
is primarily a function of conversion. We also demonstrate a staged reactor capable
of accessing a wide range of conversions using conventional zeolites by carrying out
upstream CPO and downstream hydrogenation/dehydrogenation, hydrocracking, hy-
droisomerization, and aromatization in an autothermal one-pot system.
3.2 Materials and Methods
3.2.1 Catalyst Synthesis
A staged reactor was loaded with two stages (Figure 3.1), a CPO stage consisting of a
noble metal-based catalyst and a zeolite stage consisting of a bifunctional Pt/-Al2O3
zeolite catalyst. The CPO stage consisted of a 1 wt% Rh - 1 wt% Ce catalyst that
was synthesized from Rh(NO3)3 and Ce(NO3)3 ⋅ 6H2O (Sigma Aldrich) on -alumina
spheres (1.3 mm ID from Saint-Gobain Norpro) by incipient wetness, calcined at 800○C for 6 h, and loaded into the reactor according to the method by Bodke et al.135
The zeolites used were HBEA (CP814E*; Si/Al=12.5), USY (proton-form CBV720;
Si/Al=15), and HZSM-5 (CBV 2314; Si/Al=11.5). All zeolites were obtained from
Zeolyst International. The zeolites were treated in 100 ml⋅min-1 of dry air (20-21%
O2, <10ppm H2O, Minneapolis Oxygen) and heated at a rate of 1.5 ○C/min to 500 ○C
and held for 2 h. A 0.5 wt% Pt on -Al2O3 was made from Pt precursor (H2PtCl6,
8wt% in H2O from Sigma Aldrich) dissolved in a slurry of -Al2O3 powder (99.97%;
Alfa Aesar) and dried in a vacuum oven at 80 ○C overnight. The powder was treated
in 5% H2 in Ar (200 ml⋅min-1) by heating to 350 ○C (1.5 ○C/min) and held for 2 h
to decompose the Pt precursor. The Pt/-Al2O3 sample was crushed and 5 g were
added to 10 g of the proton-form zeolite. The mixture was pressed into 1" ID discs at
5000 psi and crushed into pellets which were sieved to select for 599-710 m particles
(24-30 mesh).
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3.2.2 Reactor Conguration and Analysis
A schematic of the staged reactor is shown in Figure 3.1. Rh-Ce/-alumina spheres
(3 g) were loaded into the reactor for a bed-length of 10 mm between two 80 pores per
linear inch (ppi) -alumina foam monoliths. A thermocouple was xed by friction at
the back-face of the sphere bed. The Pt/-Al2O3 + zeolite mixture (12 g) was placed
between two 80 ppi monoliths and situated 170 mm from the CPO stage. K-type
thermocouples were wrapped around the front- and back-face monoliths to measure
temperatures at either end of the zeolite stage. The zeolite stage had dimensions
of 19 mm ID and 40 mm in length. All elements in the reactor were xed in place
with a ceramic paper liner to minimize heat loss and gas bypass. The length of the
reactor was insulated with 1⁄2" of FiberFrax to minimize axial thermal gradients by
reducing radial heat loss. The reactor was connected to a vaporizer made from a
stainless steel coil wrapped with heating tape. The end of the coil was attached to a
1⁄8" stainless steel tube that was situated 5 mm below the back-face of the CPO stage.
The tube contained four 0.016" holes drilled through both tube walls to enable even
dispersion of the reactant over the catalyst and aid in mixing the reactant stream
with the CPO stage euent. Skinner et al. showed that as much as 40% of ethanol
can be lost in undesired oxidation and thermal decomposition reactions when fed to
the CPO stage.83 Therefore, the reactant was fed between the two stages to eliminate
undesired oxidation and thermal decomposition that would ordinarily occur on the
CPO stage. Samples were taken from the center of the reactor tube below the zeolite
stage to ensure a uniform dispersion of reactant was obtained through the catalyst
bed. The space between the zeolite and sampling point was wrapped with heating
tape to ensure condensation of the sampling stream did not occur prior to reaching
the GC column. Samples were fed to the GC by a Pfeier DUO 1.5 rotary vane
vacuum pump through a sample line heated to 250 ○C. Carbon balances closed to
within 10%.
Composition analysis was conducted with an online HP 5890 Series II gas chro-
matograph (GC) equipped with thermal conductivity and ame ionization detectors
(TCD and FID). The GC contained a parallel dual column setup consisting of a
packed Alltech HayesepD column (30×0:125×0.85) to separate permanent gases and
an Alltech Heliex capillary AT-1 column (60×0.32×1.0) to separate hydrocarbons.
The HayesepD column was connected to the TCD while the Heliex column was con-
nected to the FID. Gas samples were injected on both columns from two sample loops
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Figure 3.1: Schematic of staged reactor. Note the interstage distance shown is 60 mm.
CH4 co-fed with air reacted over the CPO stage to form partial oxidation products
including H2 and heat. The heated CPO stage euent passed through the zeolite
stage where H2 and the side-feed reactant formed products from hydroisomerization
and hydrocracking.
simultaneously. Nitrogen was used an internal standard on the TCD to calculate the
molar output of permanent gases including CH4 which was used as an internal stan-
dard on the FID. Peak identication was conducted in parallel with a HP 5890 Series
II gas chromatograph containing a HP-1 column (50×0.32×1.05) connected in series
with a HP MSD 5970 mass selective detector.
3.2.3 Experimental Procedure
N2, O2, and CH4 were fed to the reactor at a CH4/O2 of 2.0 for a total ow of 2.36
standard liters per minute (slpm). All gas ows were modulated by Brooks 5850i
mass ow controllers and a Labview interface. The reactor was lit o and allowed
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to reach a steady state temperature. An injection was taken with no side-feed to
determine the molar output of H2 from the CPO stage. Decane, hexane, and 2-
decanone were fed to the vaporizer at 0.2 ml⋅min-1 for a molar H2 to hydrocarbon
ratio of 20 after the zeolite reached a steady-state temperature. The initial zeolite
stage position was 170 mm from the CPO stage as dened by distance between the
CPO stage back-face to the zeolite stage back-face. Three samples of reactor euent
were injected on the GC at each experimental condition after which the zeolite stage
was regenerated. During regeneration, the heating tape was connected to an Omega
PID controller and heated to 500 ○C for 30 minutes. The port opposite the vaporizer
was attached to a compressed air source through which 0.1 slpm of air was fed. The
feed to the CPO stage was reduced to 0.2 slpm of N2 to prevent backwards diusion
of air. After 30 minutes, the zeolite stage was cooled by switching o the heating
tape and increasing N2 and air ow rates to 2.0 slpm. Care was taken to ensure the
zeolite temperature was below 120 ○C before lighting o again to prevent light-o from
occuring over the Pt in the zeolite stage. At each position, three reactants were fed
to three zeolites with regeneration after each set of three injections. The separation
distance was incrementally decreased to 50 mm in 40 mm increments (the distance
of the bed length). After data were collected at the smallest interstage distance (50
mm), the zeolite stage was extracted and situated at 150 mm (20 mm below the initial
position of 170 mm). The separation distance was again incrementally decreased by
40 mm allowing data to be acquired at bed positions staggered by 20 mm to reduce
the possibility of systematic error.
3.3 Results and Discussion
3.3.1 Eect of zeolite topology
Temperature variation
In all experiments, the axial bed position is changed in xed intervals causing changes
in temperature and, consequently, changes in conversion. Selectivity (dened on a
molar basis) is primarily a function of conversion so data are plotted as such to account
for thermal gradients and experimental variations in temperature. All ow rates to
the reactor are constant so the residence time in the zeolite (∼130 milliseconds) is
approximately the same for all experimental conditions.
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Figure 3.2: Conversion vs. zeolite temperature in the autothermal reactor. ◯ hexane△ decane ◻ 2-decanone.
In previous work on staged reactors the axial thermal gradient was reduced to one
temperature by calculating an arithmetic mean of the front-face and back-face tem-
peratures. However, rates of reactions are exponential with temperature so a better
way to reduce the thermal gradient into an isothermal temperature is by Equation 3.1
in which the rate constant is integrated over the length of the bed and normalized by a
rate constant at a calculated temperature in which the ratio of both equals unity. As
a rst order approximation, the surface is assumed to be saturated so the rate is only
proportional to the rate constant. Skinner et al. measured a linear axial temperature
prole through a 40 mm zeolite bed composed of four 10 mm 45 ppi foam monoliths
coated with a thin lm of HZSM-5 in an autothermal staged reactor,83 hence a linear
equation is used here. Tiso is calculated in Equation 3.1 where T (z) = Ttf−Tbf40 z + Ttf
and 40 is the length of the zeolite bed in millimeters.
Tiso = −E
R
(Ln [∫ 0−40 exp( −ER T(z))dz])−1 (3.1)
3.3 Results and Discussion 38
The temperatures obtained from Equation 3.1 are the temperatures at which the
conversion would be the same as the experimental conversion had the reactor been
isothermal and are typically no more than 5% dierent than the arithmetic mean
of the front- and back-face temperatures. Data are plotted below as a function of
temperatures calculated by Equation 3.1.
Conversion as a function of reactant size
As shown in Figure 3.2, conversion increases over all zeolites with temperature. Con-
version at each temperature increases with carbon number of the reactant due to the
increased number of induced dipole van der Waals interactions with lattice oxygens
that increase the heat of adsorption and, hence, coverage.136 The eect of carbon
number on the rate as a function of temperature was also noted by Froment et al.134
at 130-250 ○C and 5-100 bar total pressure on zeolite Y for hydroisomerization and
hydrocracking of octane, decane, and dodecane. Conversion also increases with de-
creasing pore size due to connement eects that are more pronounced on HZSM-5
than HBEA or USY due to dierences in pore structure. HZSM-5 has 10-MR pores
with intersecting three-dimensional straight and sinusoidal channels while HBEA and
USY have three-dimensional straight 12-MR pores although USY also has a larger
pore volume due to the presence of supercages. With decreasing pore size, the dis-
tance between lattice oxygens and the reactant decreases leading to an increase in
connement eects and, consequently, larger heats of adsorption. Larger heats of
adsorption lead to a decrease in the apparent activation energy and an increase in
the rate of reaction and conversion. For example, the heat of adsorption of hexane
on HZSM-5 was calculated to be -92 kJ/mol,137 -64 kJ/mol on HBEA,138 and -53
kJ/mol on FAU (USY).139 A low conversion of hexane over USY is consistent with
the ndings of Kotrel et al. who observe a hexane conversion of about 5% at 350 ○C
and 5.3 kPa over dealuminated Y138 which is similar to our value of 4% at 340 ○C at
4.8 kPa at a H2:C6H14 ratio of 20 at atmospheric pressure.
Conversion as a function of oxygen functionality
As shown in Figure 3.2a, conversions of decane and 2-decanone are similar over
HZSM-5 and are higher than the conversion of hexane at all temperatures. By con-
trast, dierences in conversion are more distinct when reacting hexane, decane, and
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2-decanone over USY as shown in Figure 3.2c. We speculate that the appreciable dif-
ference in conversion between 2-decanone and decane over USY compared to HBEA
and HZSM-5 may be attributed to the USY supercages which may permit bimolecu-
lar reactions to occur. Like acetone,69,140 2-decanone may also undergo condensation
reactions through an enol intermediate which can attack the carbonyl carbon of an-
other 2-decanone molecule. Bimolecular reactions over HZSM-5 between two acetone
molecules has been shown to form mesityl oxide, a condensation product that ulti-
mately cracks to isobutene.69 The zeolite pore structure must be able to accomodate
condensation reactions between 2-decanone molecules. The additional pathways pro-
vided by the ketone group may result in an increased conversion of 2-decanone when
compared with decane over USY.
3.3 Results and Discussion 40
3.3.2 Extent of hydrocracking and hydroisomerization
Hexane
Selectivities of branched products 2-methylpentane and 3-methylpentane tend to-
wards 100% at low conversions while selectivities for products smaller than C6 increase
with increasing conversion (Figure 3.3) indicating that a series reaction occurs over
the bifunctional catalyst. Hydrocracking and hydroisomerization occur via a mecha-
nism where a reactant is isomerized twice and then cracked to avoid the creation of
primary carbenium species. The hydrocarbon is unlikely to directly crack without
rst undergoing structural rearrangement to an isomer.141 Steijns et al. reacted de-
cane and dodecane over 0.5 wt% Pt on USY at pressures ranging from 5-100 bar and
temperatures between 130-250 ○C and found that selectivities are unique functions
of conversion regardless of the temperatures or pressures used and only depend on
the type of catalyst.142 Hydroisomerization and hydrocracking reactions in the staged
reactor follow the same mechanism regardless of the temperature because all steps
have similar activation energies.142 If activation energies were dissimilar, isomeriza-
tion and cracking would display dierent sensitivities to temperature and result in
product distributions that were not functions of conversion. The temperature and,
consequently, the conversion is changed as the bed position in the staged reactor is
varied. Consistent with the ndings of Steijns et al., selectivities in Figure 3.3 are
functions of conversion and independent of temperature.
Decane
As shown in Figure 3.4, selectivities from decane hydroisomerization and hydrocrack-
ing do not change appreciably until conversion is approximately 80% possibly due to
competitive adsorption eects. Denayer et al. co-fed C6−9 hydrocarbons over USY at
233 ○C and 450 kPa and measured the adsorption equilibria and intrinsic rate con-
stant for each hydrocarbon. The authors showed the larger reactant is preferentially
converted and attributed the dierence to a greater sensitivity of the adsorption con-
stant to carbon number than the instrinsic rate constant.143 In the staged reactor,
secondary cracking of initial cracking products does not occur while an appreciable
amount of large reactant molecules are still present in the catalyst. At higher con-
versions, the number of large reactant molecules decreases leading to a diminished
eect of competitive adsorption and an increase in conversion of primary products
3.3 Results and Discussion 41
0% 20% 40% 60% 80% 100%
20%
40%
60%
80%
100%
 
 
S
el
ec
tiv
ity
 (m
ol
ar
)
Conversion
C4-6
C2-3
Figure 3.4: Product distribution for decane hydroisomerization and hydrocracking.
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is observed. Secondary cracking is dominant at the conditions used in our system
and can be observed from the data in Figure 3.4 to follow a trend indicating the
occurence of a series hydrocracking reaction. Smaller products such as C2−3 increase
with conversion while larger products such as C4−6 decrease with conversion. The rise
in C2−3 selectivities with conversion indicates that small products are formed from
tertiary cracking reactions. Such trends are consistent with a mechanism by which a
reactant is isomerized and then cracked into a product about half the initial size.
No C10 isomers such as methylnonane were found at any conversions observed in
contrast to Steijns et al. who reacted decane on 0.5 wt% Pt/USY over a range of
temperatures and pressures and found an 85% selectivity of decane isomers at 20%
conversion.142 The discrepancy may be due to two factors: the ease of cracking in
C7+ compounds compared with C6 compounds and experimental limitations on H2
partial pressure leading to an increased olen concentration. In the staged reactor,
C4−6 compounds appear to be primary products of decane hydroisomerization and
hydrocracking. Hydrocarbons which have a carbon number of 7 or greater are able
to form an intermediate structure containing a tertiary carbenium ion leading to
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increased rates of -scission via the A, B1, or B2 mechanism.144 The lack of C10
isomers may also be attributed to experimental limitations. A few dierences exist
between conditions used in traditional hydroisomerization and hydrocracking such as
those by Steijns et al. and those used here. Typical H2 to hydrocarbon molar ratios
are about 20 at pressures ranging from 1 - 100 bar.142,145 Safety considerations with
operating an autothermal staged reactor at CPO stage temperatures in excess of 650○C limited the pressure to one atmosphere. Mixing problems were observed in the
form of carbon errors greater than 15% at hydrocarbon ow rates below 0.2 ml/min.
The reactant was not well-dispersed over the catalyst below a threshold ow rate
likely due to uneven ow through the 0.016" holes in the tube situated directly below
the CPO stage.
As a result of the aforementioned experimental limitations, the propene to propane
ratio (Figure 3.5) was far greater than 10−9 to 10−6 predicted by equilibrium cal-
culations performed using HSC software over 250-460 ○C. Deactivation and a low
C10 isomer selectivity for decane were therefore observed because the hydrogena-
tion/dehydrogenation functions were unequilibrated resulting in higher olen concen-
trations. Degnan et al. found that for systems in which hydrogenation/dehydrogenation
was unequilibrated, the isomer yield maximum as a function of conversion shifted to-
wards lower conversions.146 The high olen concentration in our system may account
for the lack of C10 isomers due to pronounced secondary cracking reactions. The
traditional mechanism proposed by Weisz147 did not include olens as reactive inter-
mediates which were assumed to be immediately hydrogenated to the corresponding
paran after isomerization without undergoing subsequent reactions. By contrast,
olens in unequilibrated systems are not necessarily immediately hydrogenated back
to corresponding parans and may, therefore, undergo subsequent cracking reactions
which reduce the selectivity to branched products.146 Bhasin et al. showed the heat of
adsorption of a hydrocarbon on platinum increases with hydrocarbon size for ethane
to n-hexadecane over a temperature range of 350 ○C to 550 ○C148 and Thybaut et
al. showed the same eect for n-octane to n-hexadecane from 220 ○C to 280 ○C.149
We postulate that large molecules may limit the extent of propene hydrogenation
resulting in a higher propene/propane ratio. As conversion is increased, the number
of large competitively adsorbing reactant molecules decreases, leading to a reduction
in competitive adsorption and allowing more propene to be hydrogenated to propane.
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3.3.3 Deoxygenation and aromatization of 2-decanone
General reaction pathway
Various isomers of decene were observed to form from 2-decanone deoxygenation. The
selectivities of C10 products over HBEA and USY were 80% and 90% respectively at
low conversion as shown in Figures 3.6b and 3.6c. The products at conversions less
than 60% consisted of a mixture of linear decene isomers. As conversion is increased
by moving the zeolite stage closer to the CPO stage, the selectivity of C10 compounds
decreased as the initial products underwent hydrocracking reactions to form smaller
C2−6 products. Products formed from hydroisomerization and hydrocracking reactions
over HZSM-5 contained greater amounts of aromatics than products formed over
HBEA and USY at conversions less than 60% (Figure 3.6. The selectivity to aromatics
over HZSM-5 is about 9% at low conversions and increases to 26% at 40% conversion
(Figure 3.6a). At high conversions over all zeolites studied, C4−6 compounds dimerize
and/or cyclize to form aromatics such as benzene, toluene, and xylenes (BTX) by
conventional aromatic formation mechanisms as well as monoaromatics larger than
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C8.64
Eect of zeolite topology on product distribution
Shape selectivity in 10-MR pores of HZSM-5 may limit the extent of methylated
and ethylated monoaromatic formation. Methylated and ethylated monoaromatics
have been shown to form in zeolites containing 12-, 10-, and 8-MR pores and cav-
ities by Min et al. who showed the ethylbenzene disproporation reaction at 316 ○C
to 427 ○C and WHSV = 5.2 h-1 to be an eective probe of large pore vs medium
pore zeolites.150 Zeolites with larger pore structures permit bulkier products to form
from ethylbenzene such as diethylated diphenylethane while smaller pore zeolites
only permitted diethylbenzene and benzene to form. Aromatics may be products of
2-decanone deoxygenation and cyclization because the 12-MR pores of HBEA and
USY are large enough to limit shape selectivity eects and permit large methylated
and ethylated monoaromatic products to form. The aromatics that form over HZSM-
5 consist mostly of BTX with large methylated and ethylated monoaromatics like
1-methyl-4-ethylbenzene comprising less than 5% of the euent. The 10-MR pores
of HZSM-5 may be too small to allow methylated and ethylated monoaromatics to
form like those produced by reactions over HBEA and USY.
We propose that deoxygenation reactions occur before cracking and cyclization
reactions because no oxygenated products were observed over any catalyst. Prod-
ucts such as 2-decene are primarily formed from 2-decanone before any aromatics are
formed from cyclization reactions (Figure 3.7). No studies of 2-decanone chemisorp-
tion on a zeolite can be found in the literature although acetone has been shown
to adsorb in protonated form where it undergoes a condensation reaction with an-
other acetone to form mesityl oxide and eventually isobutene.151 Products formed
from hydroisomerization and hydrocracking of 2-decanone over HZSM-5 consisted of
aliphatics and aromatics but no observable C10 products even at low conversion. The
10-MR pore size may be preventing a C10 olen from leaving the pore without rst
hydrocracking. We hypothesize that connement eects in HZSM-5 may cause reac-
tive double bonds in deoxygenated 2-decanone to react over an acid site and crack to
form a product that can more easily traverse the pore. Reduced connement eects
in large 12-MR pore zeolites such as HBEA and USY may allow C10 olens to exit
the catalyst without further reacting.
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(c) Product distribution of aromatics formed from 2-decanone over
USY.
Figure 3.6: Product distributions for hydroisomerization and hydrocracking of 2-
decanone over HBEA, USY, and HZSM-5.
Possible mechanisms for aromatic formation
As seen in Figure 3.6, the selectivity to C4−6 compounds increases with conversion as
C10 selectivity decreases. C4−6 compounds are secondary products of 2-decanone hy-
droisomerization and hydrocracking which form primarily from hydrocracking of C10
olens. Similar sized compounds formed from hydroisomerization and hydrocrack-
ing of decane are primary products of hydrocracking and decrease with conversion.
Aromatics are more likely formed from C4−6 rather than C2−3 oligomerization and cy-
clization. Larger hydrocarbons will adsorb preferentially over C2−3 compounds on the
zeolite due to increased heats of adsorption.152 As shown in Figure 3.6c, the selectivity
to aromatics increases to 37% at conversion greater than 80% as C4−6 compounds are
consumed to form aromatics. Note the C2−3 selectivity does not decrease as rapidly
with conversion as C4−6 lending support to the notion that aromatics are formed
preferentially from C4−6 rather than C2−3. Hydroisomerization and hydrocracking of
decane, by comparison, produces only trace amounts of aromatics. Fewer olens are
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Figure 3.7: Possible routes for aromatics formation
observed to form from hydroisomerization and hydrocracking of decane resulting in
a reduced selectivity to aromatics.
3.4 Conclusions
Hydrocracking and hydroisomerization have been incorporated into a single-pipe heat
integrated reactor with applications in high throughput systems for biomass pro-
cessing. A wide range of conversions and product distributions was obtained with
the staged reactor conguration. Branched products are observed to form from
hexane over all zeolites studied. The branched products decomposed to form C2
through C4-sized products as conversion increased. C10 branched products were
not observed with decane hydroisomerization and hydrocracking because hydrogena-
tion/dehydrogenation was not equilibrated. Selectivities to methylated and ethylated
monoaromatics of ∼40% are observed by reacting 2-decanone at high conversion over
HBEA and USY zeolites containing Pt/-Al2O3. The large 12-MR pores of HBEA
and USY permit 2-decanone to deoxygenate and cyclize to form aromatics while the
medium 10-MR pores of HZSM-5 hamper C10 olen formation by catalyzing cracking
reactions. The cracked olens can cyclize to form a maximum 26% selectivity of BTX
at high conversion over HZSM-5.
CHAPTER
FOUR
REDUCTIVE DEHYDRATION OF BUTANONE TO
BUTANE OVER Pt/-Al2O3 AND HZSM-5
1
A bifunctional catalyst was used for hydroisomerization and hydrocracking of paraf-
ns and alkanones in Chapter 3. In this chapter, a bifunctional zeolite is now used
to upgrade butanone,a surrogate of bio-oil, to butane more eectively than would
be possible over a monofunctional catalyst such as HZSM-5. We show butanone
can be reacted to form n-butane in an isothermal reactor containing a 1 wt% Pt/-
Al2O3 and an HZSM-5 catalyst (total mass of 12-400 mg, Si/Al=11.5) below 160
○C
with up to 99% selectivity and 67% yield. The catalyst loading (12-400 mg) and
temperature (100-250 ○C) were varied to obtain primary products whose selectivi-
ties decreased with conversion and secondary/tertiary products whose selectivities
increased with conversion. As conversion increased, the selectivities of butanol and
butene decreased, showing the formation of butane from butanone through a series
reaction pathway: butanone → 2-butanol → butene → butane. Butane selectivity in-
creased as the temperature was increased from 100-200 ○C when compared at similar
conversions due to higher dehydration rates over the zeolite. Processing ketones at
low temperatures over bifunctional catalysts may be an ecient means of obtaining
high yields of stable parans from reactive oxygenates.
1Portions of this chapter appear in S. D. Blass, C. Rosenthal, A. Bhan, L. D. Schmidt, \Reductive
dehydration of butanone to butane over Pt/-alumina and HZSM-5," Catal., Commun. 42 (2013)
54-57. © 2013 Elsevier B.V.
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4.1 Introduction
Signicant interest has been generated in synthesizing and processing bio-oil for use
as fuels or chemicals in a biofuel-driven economy. However, bio-oil contains a mix
of oxygenated species such as aldehydes, ketones, esters, and other functional groups
whose acidic and corrosive properties render them unsuitable for use as stable energy-
carriers.44,45 Ketones69,76,77 and aldehydes,78,79 in particular, contain electrophilic car-
bonyl groups that are prone to nucleophilic attack from other molecules, leading to
condensation reactions that increase the size of the product. Uncontrolled conden-
sation reactions result in coke formation, leading to catalyst deactivation.69 For ex-
ample, conversion of acetone decreased over HZSM-5 at 400 ○C from 55 to 20% after
300 min on stream when forming coke precursors such as olens and aromatics.69
Therefore, a method is needed to deoxygenate ketones or convert them to more sta-
ble functional groups that do not deactivate as quickly such as alcohols.69 The rst
step in one possible deoxygenation route is the reduction of a ketone group to an
alcohol. Hydrogenation of carbonyl groups to alcohol groups in an enriched H2 atmo-
sphere has been studied over Ru,153 Ag,154 and Pt155 catalysts; however, a common
challenge in hydrogenolysis is selectively cleaving C−O bonds over C−C bonds.156
Meanwhile, dehydration of alcohols to olens over zeolites such as HZSM-5 has been
shown to produce high yields of olens with minimal C−C bond scission.72,83,84 For
example, Sun et al. achieved a 75% yield of butene from 1-butanol over HZSM-5 at
225 ○C and a 92% yield over HFER at 300 ○C.72 One possible strategy that may aord
more control over C−O bond scission involves incorporation of dehydration into the
deoxygenation process by means of a bifunctional catalyst.
Alotaibi et al. observed a 22% yield of 2-methylpentane from methyl isobutyl
ketone over 0.5 wt% Pt/SiO2 at 200
○C and predicted a bifunctional series reaction
pathway that converts methyl isobutyl ketone to 4-methyl-2-pentanol and eventually
2-methylpentane.155 However, the pathway was proposed on the basis of a catalyst
survey and experiments at one zeolite loading. We provide a more focused study
across multiple space velocities and H+/Pt ratios to help conrm and elucidate the
bifunctional mechanism for butanone.
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4.2 Materials and Methods
4.2.1 Catalyst Synthesis
NH4-ZSM-5 from Zeolyst (CBV 2314; Si/Al=11.5) was calcined in 200 ml min
-1 dry
air (20-21% O2, < 10ppm H2O, Minneapolis Oxygen) and heated at a rate of 1.5 ○C
min-1 to 500 ○C and held for 2 h. A 1 wt% Pt on -Al2O3 sample was made from a
Pt precursor (H2PtCl6, 8 wt% in H2O from Sigma Aldrich) dissolved in a slurry of
-Al2O3 powder (99.97%; Alfa Aesar) and dried at 80
○C overnight. The powder was
mechanically mixed with the calcined zeolite to obtain a zeolite to platinum molar
ratio (H+/Pt) of 20. The mixed powder was heated in dry air at 1.5 ○C min-1 to 500 ○C
and held for two hours. The catalyst was then treated in 5% H2 in Ar (200 ml min
-1)
at 400 ○C for two hours and cooled. The sample was then pressed into discs at 2000
psi and crushed into pellets which were sieved to select for 599-710 m particles (24-
30 mesh). The H+/Pt ratio was altered by varying the Si/Al ratio at constant zeolite
loading. The Si/Al ratio was changed by using CBV 2314 (Si/Al=11.5), CBV 3024E
(Si/Al=15), CBV 5524G (Si/Al=25), and CBV 8014 (Si/Al=40) zeolite samples.
4.2.2 Reactor Conguration and Analysis
A 10 mm ID quartz tube was fabricated and connected to a vaporizer consisting of
a 1⁄4" stainless steel tube heated to 200 ○C with heating tape as shown in Figure 4.1.
The vaporizer inlet was sealed to a stainless steel nebulizer consisting of concentric
1⁄8" and 1⁄16" tubes. Butanone was fed through the nebulizer at 0.042 ml min-1 and N2
and H2 were fed through the nebulizer each at 0.70 standard liters per minute (slpm)
for a H2 to butanone molar ratio of 60.
Composition analysis was conducted with an online HP 7890A gas chromatograph
(GC) equipped with a thermal conductivity detector and ame ionization detector
in series. The GC contained a HP PLOT/Q column (30×0.32×20). N2 was used as
an internal standard. Peak identication was veried with a HP 5890 Series II gas
chromatograph containing a HP-1 column (50×0.32×1.05) connected in series with a
HP MSD 5970 mass selective detector. Carbon balance closed to within 15%.
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Figure 4.1: Reactor schematic
4.2.3 Experimental Procedure
The catalyst was pretreated at 500 ○C for 20 minutes in dry air at 0.3 ml min-1
and 20 minutes in H2 at 0.70 slpm. A constant N2 ow rate was maintained at
0.70 slpm during pretreatment and throughout the course of the experiments. After
pretreatment, the reactor was cooled to the desired temperature while maintaining
constant ow rates. Three injections were analyzed at a time-on-stream of 7, 22,
and 37 minutes. The catalyst temperature was varied from 100-250 ○C. The cata-
lyst was regenerated under the pretreatment conditions between each temperature.
Space velocity was changed by varying the total catalyst loading from 12-400 mg at
a constant reactant ow rate. Data at all loadings are plotted without considera-
tion of bypass, which occurred at loadings below 30 mg, because the conversion did
not exceed 10%. The WHSV was varied from 27-850 h-1 or a residence time from
3-33 milliseconds calculated on a gas hourly basis. Besides the bifunctional catalyst,
monofunctional catalysts consisting of solely HZSM-5 or Pt/-Al2O3 were synthesized
using the methods described above.
4.3 Results and Discussion 52
4.3 Results and Discussion
4.3.1 Reactivity of Butanone Over HZSM-5
Butanone was initially unreactive over HZSM-5 without Pt/-Al2O3 at temperatures
up to 250 ○C with conversions less than 1%. Similarly, Chang et al. reacted ace-
tone over HZSM-5 and reported a conversion of 3.9% at 250 ○C and a LHSV of 8.0
h-1.157 While acetone and butanone have been shown to be reactive over HZSM-5 to
form C2−5+ products at temperatures exceeding 370 ○C through aldol condensation
and cracking,158 the temperatures in our reactor may be too low for this to occur.
The extent of bimolecular reactions is a function of partial pressure, which relates
to surface coverage and temperature.76,159 Higher temperatures are needed at lower
surface coverages to initiate an aldol condensation reaction. Aldol condensations of
acetone are typically done in the vapor phase from 250 to 400 ○C.69 The partial pres-
sure of butanone used in our experimental conditions (0.83 kPa) may have been too
low to achieve a minimum surface coverage needed to initiate signicant bimolecular
reactions such as aldol condensations, explaining the low observed reactivity.
4.3.2 Evidence for Series Reaction over Pt/-Al2O3 and HZSM-
5
While butanone was inactive over HZSM-5 alone, the addition of Pt/-Al2O3 to the
zeolite lead to yields of butane up to 67% with less than 2% selectivity to butene and
2-butanol. The catalyst loading was varied at each temperature to change space ve-
locity and conversion. Only trace amounts of ethylene and propylene were observed,
indicating that cracking reactions were negligible. Less than 1% selectivity to prod-
ucts larger than C4 was observed, possibly because the partial pressure of butanone
was low enough to limit bimolecular reactions. When product selectivities were plot-
ted as a function of conversion, as shown in Figure 4.2, butane selectivity decreased
as conversion decreased while butene increased. Butanol selectivity decreased from
15% to 10% at 100 ○C as conversion increased from 2 to 60%. Increasing selectivity
of butanol and butene at low conversions suggests these species are intermediates in
a series reaction that ultimately converts butanone to butane. In a series reaction
that can be explained with Figure 4.2, we propose that butanone was reduced over
a Pt site to form 2-butanol. The butanol likely diused to a zeolite acid site and
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subsequently dehydrated to an olen. The olen likely diused back to a Pt site
where the C−C bond was hydrogenated to form a paran compound. No butanol
was observed at temperatures greater than 160 ○C, possibly because it was consumed
rapidly by the dehydration reaction. When compared across dierent temperatures at
similar conversions, butane selectivity increased with temperature while butanol se-
lectivity decreased, likely because zeolite-catalyzed dehydration rates increased with
temperature,72 limiting the concentration of butanol. Deactivation was also observed
as shown by a decrease in butanone conversion by 5% at 100 ○C and 20% at 160 ○C
at the same time-on-stream. It is possible coke formation may occur more readily
at 160 ○C causing greater changes in conversion than at 100 ○C. Selectivities did not
change with time-on-stream by more than 5% at any loading.
4.3.3 Reactivity of Butanone over Pt/-Al2O3
When butanone was reacted over Pt/-Al2O3, the butane selectivity increased with
temperature while butanol selectivity decreased, as shown in Figure 4.3. As the
temperature was increased, dehydration catalyzed by Lewis acid sites on -Al2O3
became important. -Al2O3 containing Lewis acid sites has been shown to be an
active dehydration catalyst for isobutanol from 160 to 300 ○C.160 Lewis acid-catalyzed
dehydration likely explains the decrease in butanol selectivity and subsequent increase
in butane selectivity. When Pt/-Al2O3 was combined with HZSM-5, both Brnsted
and Lewis acid sites likely carried out dehydration.
In our experiments with Pt/-Al2O3 shown in Figure 4.3, butane selectivity was
less than 1% at 100 ○C, suggesting that direct hydrogenation of butanone to butane
over Pt is unlikely even in the bifunctional case. While Alotaibi et al. obtained higher
yields of alkanes than methyl isobutyl ketone than we did from butanone, a higher
yield of butane could have been obtained from butanone had the catalyst loading
been increased.155
4.3.4 Eect of metal-acid balance
At constant Pt and zeolite loading, the H+/Pt ratio was changed by varying the zeolite
Si/Al ratio. Measurements were taken at 100 ○C and 37 minutes on-stream. Changing
the metal acid balance had a minimal eect on conversion because the molecule
was only activated over Pt sites (Figure 4.4). At a relatively constant conversion of
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Figure 4.2: Butane (∎), butene (▲), and butanol (●) selectivities as a function of bu-
tanone conversion at dierent temperatures over Pt/-Al2O3 with HZSM-5. Loading:
12-400 mg.
∼75%, the butane selectivity increased with acid site density while butanol selectivity
decreased, showing that the H+/Pt ratio had little eect on the conversion, leading
us to postulate that initial activation of butanone over Pt/-Al2O3 to butanol is
the slow step. Butanol selectivity decreased and butane selectivity increased as the
acid site density was increased because the higher number of acid sites increased
the rate of consumption of butanol. At the highest H+/Pt ratio (20), the butanol
selectivity increased from 8 to 20% while butane selectivity decreased from 92 to 80%
at constant conversion. It is unclear why this occurred, but if coke formation occurs
naturally with dehydration reactions, then an increase in the dehydration rate with
acid site density will also result in an increase in coke formation. Coke formation
would cause pore blockage and prevent butanol from reaching a Brnsted acid site
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Figure 4.3: Butane (∎), butene (▲), and butanol (●) selectivities and butanone
conversion (▼) as function of temperature for Pt/-Al2O3 without HZSM-5. Loading:
0.20 g.
to be dehydrated, explaining the observed butane/butene ratio in Figure 4.4.
4.3.5 Deactivation
Over Pt/-Al2O3 with HZSM-5, the maximum conversion at each temperature in-
creased (Figure 4.5) from 34% at 100 ○C to 67% at 130 ○C due to faster rates at higher
temperatures. However, the conversion decreased to 5% when increasing the temper-
ature from 130 ○C to 250 ○C. Coke is formed when acid sites catalyze the formation of
species that do not desorb. The highly active nature of the solid acid site may explain
the tendency to form coke faster over a Pt/-Al2O3 and HZSM-5 catalyst than on
Pt/-Al2O3 alone. In an experiment intended to conrm coke formation, butanone
was reacted over Pt/-Al2O3 and HZSM-5 at 250
○C for 37 minutes at which point
the conversion was measured at 16% as shown in Figure 4.5. Following reaction at
250 ○C, the temperature was dropped to 100 ○C without regeneration, at which point
the conversion increased to 40% with an additional 37 minutes on stream. By con-
trast, the conversion of butanone increased further to 77% when reacted at 100 ○C
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Figure 4.4: Butane (∎) and butanol (●) selectivities and butanone conversion (▼)
as function of metal-acid ratio for Pt/-Al2O3 with HZSM-5 at 100
○C with a total
catalyst loading of 400 mg.
following regeneration with no pretreatment at 250 ○C. The dierences in conversion
at 100 ○C between catalysts with and without pretreatment may be attributed to
coke formation at 250 ○C which likely blocked active sites.
The decrease in conversion with temperature, however, may also be due to a
decrease in the adsorption constant. When the catalyst was reacted at 250 ○C followed
by 100 ○C, the conversion increased from 16% to 40% even without regeneration.
We expect adsorption to decrease with increasing temperature because adsorption is
exothermic and was measured using microcalorimetry by Sepa et al. to be -140 kJ/mol
for acetone over HZSM-5.159 Therefore, the low conversion at 250 ○C may be due to
both coke formation and a decrease in adsorption at higher temperatures. Both coke
formation and adsorptive properties of potential reactants may be important factors
to consider when designing a catalytic bio-oil upgrading process.
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Figure 4.5: Conversion of butanone over 400 mg of HZSM-5 (●), Pt/-Al2O3 (∎),
and Pt/-Al2O3 with HZSM-5 (▲).
4.4 Conclusions
We have demonstrated that conversion of butanone to butane can be accomplished
through a bifunctional route more eciently than through a monofunctional one.
Over a bifunctional pathway, butanone is reduced to 2-butanol over a Pt site. The
alcohol is then dehydrated over a zeolite acid site to butene and, subsequently, hy-
drogenated to butane over a Pt site as evidenced by 99% selectivity to butanol over
Pt/-Al2O3 without HZSM-5. Over a monofunctional catalyst, butanone either does
not react when exposed to HZSM-5 or forms only butanol when Pt/-Al2O3 without
HZSM-5 is used at temperatures below 130 ○C. Minimal C−C bond scission occurred
as evidenced by the negligible production of C2−3 compounds. The chemical complex-
ity of bio-oil compounds necessitates the development of multifunctional catalysts
such as bifunctional zeolites to produce parans from oxygenated species. Reductive
dehydration of butanone to butane over a bifunctional zeolite may represent a new
pathway to upgrading reactive ketones to biofuels.
4.4 Conclusions 59
250 100 100
0%
20%
40%
60%
80%
100%
 
 
C
on
ve
rs
io
n
Temperature (°C)
Without regeneration With regeneration
Figure 4.6: Butanone conversion with 400 mg of Pt/-Al2O3 with HZSM-5 at 100
○C
with treatment at 250 ○C and without treatment at 80 minutes on stream.
CHAPTER
FIVE
ON-LINE DEOXYGENATION OF CELLULOSE
PYROLYSIS VAPORS IN A STAGED AUTOTHERMAL
REACTOR1
Biomass upgrading in autothermal staged reactors has, thus far, been limited to
simple systems such as ethanol83 and parans (Chapter 3). In this chapter, the
autothermal staged reactor is applied to cellulose, a feedstock more similar to actual
biomass than feedstock previously studied. In particular, we demonstrate the coupling
of oxidative cellulose pyrolysis with zeolite-catalyzed upgrading of pyrolysis vapors in
a staged autothermal reactor over bifunctional combinations of HZSM-5, HFER, or
USY with Pt/-Al2O3. The pyrolysis vapors formed from oxidative decomposition of
cellulose passed through a downstream bifunctional zeolite stage to form a mixture
of aromatics, C2−4 olens and parans, CO, CO2, and CH4. A comparison of the
bifunctional staged reaction with that of monofunctional zeolite catalysts revealed a∼13% increase in conversion of pyrolysis vapors to deoxygenated products. Of the
pyrolysis vapor entering the zeolite catalyst, 24% was converted to aromatics while
an additional 20% was converted to C2−4 olens and parans. Complete conversion
of cellulose to CO, CO2, light hydrocarbons and aromatics was obtained at 500
○C
upon addition of Pt/-Al2O3 to HZSM-5. Deactivation of the catalysts reduced the
conversion of pyrolysis vapors to deoxygenated products as indicated by an increase in
1Portions of this chapter appear in N. E. Persson, S. D. Blass, C. Rosenthal, A. Bhan, L. D.
Schmidt, \On-line deoxygenation of cellulose pyrolysis vapors in a staged autothermal reactor," RSC
Advances 3 (2013) 20163-20170. © 2013 The Royal Society of Chemistry.
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the oxygenate yield with time-on-stream. Oxygenate yield measured after the zeolite
stage increased to 6% after 30 minutes on stream over bifunctional HZSM-5/Pt, and
increased from 13% to 31% at the same time-on-stream over monofunctional HZSM-
5. Pt likely promoted hydrogenation of the coke precursors produced in the staged
reactor while the 10-MR pore size of HZSM-5 limited the formation of polyaromatic
species. A 6% increase in CO2 yield and 5% increase in CH4 yield was observed when
Pt/-Al2O3 was added to each zeolite, indicating the possible presence of water-gas-
shift and methanation reactions, respectively, over Pt sites. The small-scale high-
throughput autothermal reactor that we describe here is capable of carrying out
cellulose depolymerization and upgrading in a single-pipe process.
5.1 Introduction
Research in biofuel production is motivated by diminishing hydrocarbon reserves and
global climate change caused by carbon dioxide emissions.161,162 Gasication to syngas
and subsequent upgrading is one possibility, but requires large vessels, high pressures,
and capital-intensive facilities.41,163 An alternative route is pyrolysis, a bio-oil produc-
tion process that can be accomplished in smaller vessels and lower pressures. Pyrolysis
is also conventionally carried out as a batch process but a continuous process would
yield advantages in throughput and scalability.164 Balonek et al. showed that bio-oil
can be obtained from the oxidative pyrolysis of biomass in a continuous, autothermal
reactor by reacting cellulose with air over a platinum catalyst.44 The combustion and
partial oxidation reactions at the front face of the catalyst bed cause the temperature
to be maintained at ∼700 ○C, enabling reactive ash volatilization of the microcrys-
talline cellulose particles impacting the surface.105 Molecular oxygen is consumed in
combustion and partial oxidation reactions providing the heat to volatilize incoming
cellulose and drive the homogeneous pyrolysis reactions.
The pyrolysis vapors that form from cellulose are condensable as bio-oil yet con-
tain a product spectrum replete with reactive oxygenated compounds such as cyclic
furans, pyrans, phenols, ketones, aldehydes, and other acids. These oxygenates ren-
der bio-oil thermally unstable, acidic, and corrosive.6,165 As a result, much interest
has been stimulated in developing processes to convert bio-oil to products that can
be integrated with existing chemical infrastructure. Upgrading of bio-oil compounds
formed at high temperature can be made more energy-ecient by not allowing con-
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densation to occur. The absence of condensation removes the need to collect and store
toxic and unstable bio-oil for further processing. We explore the possibility of inte-
grating continuous oxidative pyrolysis with downstream zeolite-catalyzed upgrading
in a staged autothermal reactor. The process heat from a catalytic partial oxidation
stage has previously been used to promote upgrading reactions over a downstream
zeolite stage for methanol,88 ethanol,83 butanol,72 and paran feeds.47 A staged re-
actor processing cellulose circumvents the problem of reacting a solid feedstock over
a zeolite by rst converting the feedstock into a vapor. This solution also limits
concerns over the storage of bio-oil, such as phase separation and the formation of
precipitates.6,165
Oxygenated compounds in the bio-oil have been deoxygenated over zeolites such
as HZSM-5 through a combination of dehydration, decarbonylation, and decarboxy-
lation.71,166{169 Aromatic yields as high as 30% have been obtained from bio-oil over
HZSM-5 with Si/Al ratios of 30 - 60 at temperatures between 400 and 600 ○C.168,170,171
The high selectivity of gasoline-range hydrocarbons and aromatics has been attributed
to the 10-member-ring (-MR) pore size of HZSM-5, which restricts the ability of large
polyaromatics to form within the pores.172,173
However, extensive coke formation that blocks zeolite active sites is still observed
over most zeolites from 200-500 ○C and up to 100 bar in both continuous and batch
systems.71,169,174 This buildup causes catalyst deactivation, characterized by a reduc-
tion in both the formation of monocyclic aromatics and conversion of oxygenates
over time.169 Thermal degradation of aldehydes, oxyphenols, and furfural has been
identied as one source of coke formation.71 Catalytic coke is thought to be due to cy-
clization reactions that cause buildup of polycyclic aromatic species.175 Coke deposits
that block acid sites can be removed through oxidative regeneration of the catalyst,
but this process has been shown to produce localized high temperature regions that
irreversibly remove acid sites from the catalyst.176
Bifunctional catalysts containing platinum mixed with zeolites have been shown
to increase catalyst lifetime during hydroprocessing at temperatures ranging from 200
- 500 ○C by hydrogenating compounds such as aromatics and olens that are known
coke precursors.47,115,130,131 Bifunctional HZSM-5/Pt and HY/Pt catalysts were also
shown by Hong et al. to be eective at 200 - 250 ○C for the conversion of phenol,
a major component of lignocellulosic bio-oils.177 We chose to introduce bifunctional
catalysts downstream of the combined catalytic partial oxidation (CPO)/pyrolysis
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stage in a position where temperatures ranged from 450 - 500 ○C. The resulting
system continuously converts cellulose to fuels and chemicals with no external energy
input at contact times of about 70 milliseconds, at least one order of magnitude faster
than conventional pyrolysis processes.50 The zeolite catalyst experiences deactivation
three times slower than conventional zeolites and a yield to solid carbon products
of less than 3%. Thus, we demonstrate a small-scale, high-throughput, and heat-
integrated reactor capable of processing cellulose at shorter contact times with lower
rates of deactivation than conventional reactors.
5.2 Materials and Methods
5.2.1 Catalyst Preparation
H2PtCl6 (8 wt% in H2O from Sigma Aldrich) was impregnated on -Al2O3 spheres (1
wt% Pt, 1.3 mm -Al2O3) by the incipient wetness technique as described in previous
publications.44 This catalyst was used in the catalytic partial oxidation (CPO) stage.
Bifunctional HZSM-5/Pt was prepared by the following method. A sample of 1 wt%
Pt on -Al2O3 was made from H2PtCl6 dissolved in a slurry of -Al2O3 powder
(99.97%; Alfa Aesar) and dried at 80 ○C overnight. NH4-ZSM-5 from Zeolyst (CBV
2314; Si/Al=11.5) was calcined in dry air (20-21% O2, <10ppm H2O, Minneapolis
Oxygen) and heated at a rate of 1.5 ○C/min-1 to 500 ○C, held for 2 h and cooled. The
powder was mechanically mixed with the calcined zeolite to obtain an H+/Pt molar
ratio of 20. The mixed powder was heated in dry air at 1.5 ○C/min-1 to 500 ○C, held
for two hours, then treated in 5% H2 in Ar at 400
○C for an additional two hours
and cooled. The sample was pressed into disks at 2000 psi and crushed into pellets
that were sieved to select for 599-710 m particles (24-30 mesh). The same procedure
was followed for the preparation of ultra-stabilized H-Y (USY), H-Ferrierite (HFER)
catalysts and their bifunctional Pt-loaded variants (USY/Pt, HFER/Pt).
5.2.2 Apparatus
Cellulose (9.6 g/h) and gases (2 SLPM N2, 1 SLPM H2, 0.2 SLPM O2) were fed
to an insulated quartz tube reactor (19 mm ID). Mass ow controllers (MKS Mass-
Flo) fed the gases, with feed locations indicated in the illustration of the apparatus
in Figure 5.1. N2 was fed at 2.0 standard liters per minute (SLPM) as an inert
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Figure 5.1: Reactor schematic. T= thermocouple.
diluent and internal standard and was used to purge the atmosphere in the solids
feeding box to mitigate the potential for grain res. H2 and O2 were fed upstream
of the CPO stage under fuel-rich conditions to ensure complete O2 consumption in
the CPO stage and to eliminate the occurrence of homogeneous H2 combustion prior
to the front face of the CPO stage. Ignition of the CPO catalyst with a H2 feed
occurred at room temperature. Solid microcrystalline cellulose (FMC BioPolymer,
300m average particle diameter) was loaded into a grain hopper situated in an
airtight polycarbonate box that was tted with a pressure relief valve (10 psi max)
and a mounted electrical connection to the auger. The auger fed cellulose at a rate of
9.6 g/h to the reactor inlet, corresponding to a weight hourly space velocity (WHSV)
of 4.8 h-1 and a H2/cellulose molar ratio of approximately 42. Gas residence times
were 30 milliseconds and 80 milliseconds in the rst and second stages, respectively.
The rst catalytic stage of the reactor over which CPO and pyrolysis occurred
consisted of a 4 mm-thick layer of 1% Pt on -Al2O3 spheres (1.3 mm o.d., 1.5
g), supported by a ceramic foam monolith (65ppi, 2.8 g, -Al2O3), with a K-type
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thermocouple located at the back face of the sphere bed. Temperature at the back
face of the catalyst remained relatively constant at ∼730 ○C. This catalyst remained
the same for every run. A second stage that was comprised of a zeolite or bifunctional
Pt-loaded zeolite was wrapped with heating tape and situated downstream of the
pyrolysis stage between two ceramic foam monoliths (65ppi, 2.8 g, -Al2O3) and K-
type thermocouples used to measure temperature at the front and back face. A side
feed located between the stages was used to feed O2 during zeolite regeneration. An
Omega CSC32 Benchtop Controller controlled the zeolite back face temperature. The
total catalyst loading (Pt/-Al2O3 and zeolite) was varied by changing the bed length
from 0 to 20 mm. All zeolite reactions were carried out at 500 ○C, a temperature
indicated as optimal for conversion of oxygenates over zeolites.70,168,178 The zeolite
back face temperature was held at 500 ○C while the front face temperature varied
between 450 and 480 ○C.
Products in the reactor euent were analysed qualitatively by syringe injection
to GC/MS (HP 5890 GC / 5970 MSD, He carrier). The major compounds identied
through GC/MS were quantied via syringe injection to a GC equipped with both
thermal conductivity and ame ionization detectors (HP 6890, Ar carrier). Response
factors were calibrated in reference to the nitrogen peak. Coke was quantied with
an online quadrupole mass spectrometer (QMS, UTi 100C). The burn-o was carried
out under 1.0 SLPM Ar / 0.1 SLPM O2 with a temperature program of 10
○C/min
ramp to 500 ○C and a 2 hour hold. Carbon was quantied by integrating the CO2
peak measured at m/z of 44 and converted to a weight percent of the total cellulose
fed.
5.3 Results and Discussion
5.3.1 Results of Control Studies
Control runs were carried out to analyze the content of the pyrolysis vapor formed
over the pyrolysis stage of the reactor in the absence of a zeolite stage. Conversion of
cellulose was always 100% due to the lack of solid accumulation on the front face of
the pyrolysis stage. CO and CO2 yields measured after the pyrolysis stage were 35%
and 15% respectively, with the remainder of the carbon still contained in oxygenated
pyrolysis products, which we dene as any carbon-containing molecule besides CO
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and CO2. Balonek et al. carried out oxidative pyrolysis of cellulose over Pt on -Al2O3
spheres at 660 ○C at an atomic C/O of 1.7 with a H2 co-feed in a similar reactor and
obtained a maximum 55% yield to C2+ products,44 consistent with our value of a
50% oxygenate yield. CO and CO2 were not considered upgradable oxygenates for
the purposes of this study, although CO could be considered a recoverable product
for upgrading processes such as Fischer Tropsch.179
It is dicult to distinguish between CO and CO2 formed from steam reforming,
combustion, and thermal decomposition reactions. Graham et al. carried out non-
oxidative pyrolysis of cellulose from 750 to 900 ○C at residence times from 250 to
450 milliseconds and obtained less than 3 mol% of CO2.
180 By contrast, Balonek et
al. obtained a CO2 yield of 18%.
44 Although H2 has been shown to preferentially
oxidize over cellulose,44 we obtained a 15% CO2 yield indicating that some cellulose
is being consumed in combustion reactions despite being diluted with H2 in a 40 to
1 ratio. H2 was combusted as a sacricial fuel to allow operation with low cellulose
ow rates and small amounts of catalyst, while still permitting the quantication of
all carbon-containing compounds in the system.
The pyrolysis vapor composition generated over the pyrolysis stage is similar to
the composition of a typical cellulosic bio-oil: C2 and C3 acids, aldehydes, furans and
pyrans, among others.6,165,180 Phenols, produced mainly from the pyrolysis of lignin,
represented less than 1% yield of the oxygenate distribution.181,182 Therefore, the
results of this study are not directly comparable with the upgrading of lignin-based
bio-oils or phenolic compounds.
5.3.2 Deoxygenation capability of HZSM-5 and HZSM-5/Pt
HZSM-5 is the one of the most extensively studied catalysts for bio-oil upgrading
due to its resistance to deactivation and high selectivities obtained for gasoline-range
hydrocarbons and aromatics.71,167{170,183 Hydrocarbon products commonly formed
from the conversion of bio-oils over HZSM-5 at 200 - 500 ○C include the olenic light
gases ethylene and propylene, as well as benzene, toluene, xylene, and ethylbenzene.
As shown in Table 5.1 and Figure 5.2, C2−4 hydrocarbons accounted for 10% of
the yield from cellulose over monofunctional HZSM-5, while aromatics accounted for
12%. Oxygen in biomass was rejected largely as CO and H2O because the CO2 yield
remained constant at 15% upon addition of a zeolite stage. Diebold and Scahill
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C Yield (%)
Catalyst TOS (min) CO CO2 CH4 Total C2−4 C2 C3 C4 Aromatics Oxygenates
None 5 34 15 1 2 2 0 0 0 49
-Al2O3 5 46 16 1 4 2 1 1 0 33
30 39 15 1 3 2 1 0 0 42
Pt/-Al2O3 5 41 26 9 4 2 1 0 0 20
30 44 20 3 4 2 1 1 0 30
HZSM-5 5 50 14 1 10 6 4 1 12 13
30 43 16 1 5 2 2 1 4 31
HZSM-5/Pt 5 54 20 6 15 8 6 1 5 0
30 56 17 4 13 6 5 2 3 6
HFER 5 45 16 1 9 5 3 1 0 29
30 39 16 1 3 2 1 1 0 39
HFER/Pt 5 47 27 16 8 6 1 0 1 1
30 53 17 8 7 5 1 0 0 15
HUSY 5 47 19 2 5 3 2 1 0 28
30 40 18 2 4 2 1 1 0 37
HUSY/Pt 5 60 15 5 11 5 4 2 2 7
30 54 15 4 8 4 3 1 0 20
Table 5.1: Carbon yield to products for each second stage catalyst tested at 5 and 30
minutes on stream.
upgraded the pyrolysis vapors from sawdust over HZSM-5 at 485 ○C and a WHSV of
2.44 h-1 and observed a combined 16% CO and CO2 yield.
167 Similarly we observed an
increase of 16% in the CO yield when taking the dierence between values measured
before and after the HZSM-5 stage, as shown in Table 5.1 and Figure 5.2. The water
yield from cellulose upgrading was not quantied because water was produced both
by H2 combustion over the pyrolysis stage and from cellulose decomposition and
subsequent upgrading.
To compare our results with literature values, we recalculated product yields by
subtracting the CO and CO2 yields from the rst stage when considering that, in our
experiments, approximately 50% of the carbon in cellulose is converted to CO and
CO2 from the initial pyrolysis. Subtracting CO and CO2 formed through pyrolysis
enables us to better illustrate the eect of the zeolite on the pyrolysis vapor stream.
Adjaye et al. studied bio-oil upgrading over a xed bed of HZSM-5 at a WHSV of
7.2 h-1 and a temperature of 410 ○C. Selectivity to aromatics was approximately
28%, which is considerably higher than the 12% yield to aromatics observed in our
reactor.184 However, upon adjusting our value to exclude CO and CO2 formed from
pyrolysis, we obtain a comparable aromatics yield of 24%. Other products consisted
of mostly oxygenates making further direct comparison dicult.
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Figure 5.2: Carbon yield of reactor products over various catalysts. Products were
measured at 5 minutes on stream.
5.3.3 Performance over Pt/-Al2O3
In addition to upgrading over HZSM-5, pyrolysis vapors were reacted over -Al2O3
and Pt/-Al2O3 to assess individual deoxygenation capabilities before being combined
with a zeolite. As expected, little change in products occurred over -Al2O3 except
an 8% increase in CO yield. While not unexpected, as -Al2O3 has been shown
to be an ineective bio-oil deoxygenation catalyst,185 the addition of Pt to -Al2O3
further reduced oxygenate yield by another 22%, producing increased amounts of
CO2 and CH4, as shown in Figure 5.2. We attribute the formation of CO2 and CH4
to methanation and water-gas-shift reactions on Pt sites because these gases are not
formed in signicant quantities over HZSM-5 in the absence of additional Pt. Fisk et
al. demonstrated the deoxygenation of synthetic bio-oil over Pt catalysts in a heated,
pressurized batch reactor at 100 psi and 350 ○C and showed that Pt/-Al2O3 was
active for reforming by rejecting oxygen as CO2 through water-gas-shift, yielding
25% CO2 by weight.
186 Their observed molar yield of methane was approximately
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half that of CO2, and little to no CO formation was observed over Pt.
As shown in Figure 5.2, the formation of CO2 in our system was also accompanied
by an increase in CH4 yield and a decrease in CO yield when compared with results
obtained over -Al2O3 and Pt/-Al2O3, consistent with the presence of methanation
and water-gas-shift reactions. While our experiments were carried out at atmospheric
pressures, ideally, higher pressures would be used to obtain higher conversion of oxy-
genates. For example, Nimmanwudipong et al. carried out hydrodeoxygenation of
guaiacol (a common component of bio-oil) over Pt/-Al2O3 at 300
○C and found
that, upon increasing the hydrogen partial pressure to 140 kPa, conversion increased
from 0.6% to 8%.187
The zeolite bed length was varied, as described previously, to illustrate the evo-
lution of cellulose pyrolysis products formed by zeolitic upgrading (Figure 5.3). De-
carbonylation appears to be the predominant deoxygenation process, as evidenced by
the simultaneous increase in CO yield from 35% to 55% and decrease in oxygenate
yield from 50% to 10% with variation in zeolite bed length from 0 to 20 mm. Light
hydrocarbon formation increases steadily over the course of the bed, as evidenced
by the increase in C2−4 yield with increasing oxygenate conversion shown in Fig-
ure 5.3. Equal yields of saturated (ethane and propane) and unsaturated (ethylene
and propene) compounds were obtained at the beginning of the bed but ethane and
propane represent 75% of the C2−4 compounds at the end of the bed. The presence
of parans suggests that Pt not only carries out C−C bond scission but also hydro-
genates unsaturated compounds. This could explain the 7% reduction in aromatic
formation with the addition of Pt to monofunctional HZSM-5 (Table 5.1), because
the mechanism of aromatic formation requires olenic hydrocarbons which could be
hydrogenated to parans.178,188
5.3.4 Performance of HFER-based catalysts
Determining the eect of zeolite pore size on the product distribution of oxygenates
is dicult due to the complexity of the reactant and product streams; however, some
dierences between products formed from HZSM-5 and HFER are clear. As illus-
trated in Figure 5.4, HFER tended to form light gases such as CH4 and C2−4 olens.
The most noticeable dierence was the lack of aromatics that formed over HFER,
likely due to the restrictiveness of the smaller 8-MR pores.189 Mihalcik et al. ob-
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Figure 5.3: Bed length study of HZSM-5/Pt at 30 minutes on stream, illustrating the
carbon yield to each product or group of products.
served a similar result while carrying out catalytic pyrolysis of lignocellulosic biomass
over HFER and obtained 20 wt% of non-condensable gases and a negligible aromatics
yield.171 Despite the lack of aromatics, the HFER/Pt catalyst was still able to convert
99% of the incoming oxygenate reactant stream, similar to that observed when using
HZSM-5/Pt as discussed above.
5.3.5 Performance of USY-based catalysts
Ultra-stabilized Y zeolite (USY) possesses the largest pore diameter of the zeolites
tested in this study, with 12-MR pores. Oxygenate yield remained high over USY,
increasing from 28% to 37% over 30 minutes of operation. In studies comparing a
range of zeolites, zeolite-Y has consistently shown high deoxygenation activity, but
low aromatics selectivity,190{192 consistent with the data shown in Figure 5.5. As
with HFER and HZSM-5 experiments, less than 5% CO2 formed over USY, which
catalyzed biomass deoxygenation mainly through CO and H2O formation. The 28%
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Figure 5.4: Carbon yield to reactor products over control catalysts and HFER at 5
min on stream.
oxygenate yield over 12-MR pore USY is similar to the 29% oxygenate yield over 8-
MR pore HFER indicating that the two appear to be equally active for deoxygenation
despite large dierences in pore size. However, a direct comparison is made dicult
by the presence of zeolite deactivation. While larger pore sizes may be more accom-
modating to a greater number of reactant species, they are also more accommodating
to polycyclic aromatics which can quickly deactivate the catalyst.193 USY may be
more active for deoxygenation than HFER but will also deactivate faster so a direct
comparison, even at the same time-on-stream, is not feasible. When Pt/-Al2O3 was
added, the oxygenate yield decreased from 28% to 7% leading to an increase in CH4
and light hydrocarbon production, suggesting that the intrinsic activity of the Pt
catalyst aected the conversion of oxygenates to these products. However, it is di-
cult to determine how the products that form over one catalyst interact with another
catalyst when working with a complex feedstock such as cellulose pyrolysis vapors.
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Figure 5.5: Carbon yield to reactor products over control catalysts and USY at 5 min
on stream.
5.3.6 Comparison between product yields obtained over mono-
functional and bifunctional catalysts
When comparing the performance of the individual components of the bifunctional
HZSM-5 with Pt/-Al2O3 catalyst, we observed a compromise between the behaviors
of the two individual catalysts, as well as some synergistic eects. As shown in
Table 5.1 and Figure 5.2, complete deoxygenation of the incoming pyrolysis vapors
was achieved at 5 minutes on stream over HZSM-5 with Pt/-Al2O3 while a 20%
oxygenate yield remained with Pt/-Al2O3 separately and a 13% yield with HZSM-5
separately. The addition of Pt active sites while keeping the zeolite loading constant
likely explains the increase in conversion of the incoming pyrolysis product stream.
The increase in pyrolysis product conversion can also be observed when comparing
HFER and HUSY with their bifunctional counterparts.
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Figure 5.6: Carbon yield of oxygenates as a function of catalyst and time-on-stream.
Stripes: 5 min, Solid: 30 min.
5.3.7 Catalyst Deactivation
Deactivation (illustrated in Figure 5.6) occurred from 5 to 30 minutes on-stream as
shown by an increase in oxygenate yield. Deactivation is a phenomenon frequently
observed in bio-oil upgrading, and generally occurs due to the buildup of polycyclic
aromatic species, or coke. Carbonaceous deposits can be of thermal or catalytic origin,
and can be found on the catalyst surface, around pore openings, and inside the pores
themselves.71,169,174,194 Acetaldehyde and furfural have been shown to contribute to
coke formation, due to the reactivity of acetaldehyde and tendency to form thermal
coke, and the tendency of furans to polymerize.71 Both acetaldehyde and furans were
found to form over each catalyst tested.
As shown previously,44,50 the pyrolysis stage of the reactor does not deactivate
because coke formation is not thermodynamically predicted at the temperatures that
are observed over the Pt sphere bed (∼700 ○C). All of the catalysts in the zeolite
stage showed some degree of deactivation. Superior deoxygenation performance and
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a slower rate of deactivation were observed over bifunctional catalysts when compared
with monofunctional catalysts. The decreased rate of deactivation may be a result
of hydrogenation reactions that have been shown to remove species that promote
coke formation in the temperature range of our experiment.131 The tendency for
oxygenated reactants to form coke and deactivate zeolites may necessitate future
solid acid-based catalysts to include a metal component. With each zeolite tested,
the oxygenate selectivity was observed to be lower over a bifunctional catalyst than
a monofunctional catalyst regardless of the zeolite type. The combination of two
catalytic functions may enable the catalyst to process a wider array of reactants, a
property especially necessary when converting complex feedstocks such as cellulose
pyrolysis vapors.
Despite the deactivation that occurs, coke formation is not signicant. We found
coke not to exceed 2 wt% of the products as measured by coke burno experiments.
By contrast, Sharma et al. obtained 30 wt% of coke from upgrading of aspen-derived
bio-oil over HZSM-5 at 410 ○C.195 Similarly, Vispute et al. upgraded water-soluble
bio-oil derived from pine wood over HZSM-5 at temperatures ranging from 120 to 250○C, and pressures ranging from 52 to 100 bar196 and found coke yields ranging from
12 to 50% depending on the type of bio-oil and the presence of Pt or Ru addition
to the catalyst. One possible explanation to account for the dierences in observed
coke formation is that the bio-oil used by most of these groups is lignocellulosic and
contains aromatics that are known coke precursors. By contrast, we use pyrolysis
vapors obtained from pure cellulose, which contains no aromatics.
An additional possibility is the presence of water in our system. Water has been
used to attenuate coke formation in systems that convert methanol and bio-oil to
hydrocarbons. Water and olens are believed to compete for adsorption onto the same
sites thus limiting the tendency of oligomers to form coke.197 Sharma and Bakhshi
found that when reacting bio-oil from aspen wood over HZSM-5 at 410 ○C, 3.6 h-1, and
at atmospheric pressure, the coke yield decreased from 36 to 21% with the addition of
17 wt% of steam. Gayubo et al. found that when reacting synthetic bio-oil, an increase
in steam addition from 1.25 to 9 weight ratio of water to bio oil lead to a decrease
in coke deposition from 8 to 3 wt%.71 While Vispute et al. fed pinewood-derived
bio-oil diluted with water in a 1:4 weight ratio,196 water is generated in our system
by H2 oxidation as a sacricial fuel reaction. Assuming a stoichiometric reaction of
sacricial H2 and O2 to water and assuming negligible amounts of water is formed by
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cellulose pyrolysis, the pyrolysis vapor feed to the zeolite would contain an additional
65 wt% of water which is ∼3 times higher than the wt% of water used by Vispute
et al. in their studies. A combination of these possibilities may account for the low
rates of coke formation in the autothermal staged reactor.
5.3.8 Proof of concept for autothermal operation
The results thus far have been collected in an autothermal reactor that had the
second stage heated with heating tape to mitigate the eect of thermal uctuations
and gradients. The temperatures used in the study, however, are achievable in a
heat-integrated conguration if the zeolite bed is placed in the appropriate position
downstream of the rst stage. A 15 mm bed of HZSM-5/Pt was inserted 4 cm
downstream of the rst stage and the reactor was run at the same ow rates as
the controlled studies. Temperatures at the front and back face of the zeolite bed
were 540 and 500 ○C, respectively. Carbon selectivity to oxygenates was 2% at 5
minutes, 11% at 60 minutes, and 30% at 150 minutes. As observed in temperature-
controlled studies, the CO2 yield was 25% initially, but dropped to a steady 20% in
the rst 30 minutes. Methane and light hydrocarbon yields were both initially 10%
and reduced to 2 and 6% at 150 minutes on stream, respectively. The performance
of the reactor in a fully heat-integrated conguration conrmed the results obtained
in the previous sections, namely that a noble metal CPO catalyst and bi-functional
zeolite/Pt catalyst can be used in concert to perform catalytic pyrolysis and upgrading
of cellulose.
5.4 Conclusions
Oxidative pyrolysis of cellulose was combined with zeolite-catalyzed pyrolysis vapor
upgrading in a staged autothermal reactor. Complete conversion of oxygenated bio-
oil species to a mixture of CO, CO2, methane, ethane, propane, and aromatics was
obtained over a combination of HZSM-5 and Pt/-Al2O3 at 500
○C. The majority
of deoxygenation was accomplished through decarbonylation and dehydration and
not decarboxylation. Deactivation was observed over all catalysts within 30 minutes
on stream but had the slowest rate over the bifunctional catalysts, possibly due to
the hydrogenation of coke precursors over Pt. Of the bifunctional catalysts, HZSM-
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5/Pt was the most selective for aromatics indicating that the pore structure is an
important factor in pyrolysis vapor upgrading. Heat-integrated autothermal opera-
tion was demonstrated over HZSM-5/Pt with no observable dierences in oxygenate
conversion or product yields. These results show that high-throughput processing of
cellulose to valuable chemicals can be accomplished in a small-scale, high-throughput
reactor at atmospheric pressure without external heat input and less deactivation
than conventional reactors.
CHAPTER
SIX
CONVERSION OF GLYCEROL TO LIGHT OLEFINS AND
GASOLINE PRECURSORS
Autothermal staged reactors are discussed in Chapters 2, 3, and 5. In this chapter, a
staged reactor that also combines metal and acid functionalities is applied to the de-
velopment of a glycerol-to-olens process. An autothermal capability was not required
and so the staged reactor employed was isothermal. We explore a glycerol-to-olens
process in a reactor containing dehydration, hydrogenation, and upgrading stages
in series. Glycerol, co-fed with H2 over HZSM-5 (1.0 g, Si/Al=11.5, 400
○C), was
rst dehydrated to yield a mixture of acetaldehyde, acrolein, and hydroxypropanone.
Acrolein was hydrogenated to propanal over a Pd/-Al2O3 catalyst and the euent
was passed to a third stage which served to further upgrade propanal to olens. Rapid
third stage deactivation was observed, although we obtained a maximum 70% yield of
light olens from a propanal stream reacted over HBEA (0.5 g, 500 ○C) with minimal
CO production. A decrease in propanal conversion and C2−3 olen yield was observed
along with a corresponding increase in C4−5 olen yield as time-on-stream increased
to 150 min. We conclude that propanal condensed over Brnsted acid sites to form
C4−5 olens, which subsequently cracked at high conversion to form C2−3 olens. In-
creasing the temperature from 400-500 ○C also decreased the C4−5 olen yield from
13 to 9% while increasing C2−3 olen yield from 4-15%. C-C bond formation occurred
during glycerol upgrading in a staged reactor conguration and negligible carbon is
lost as CO.
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6.1 Introduction
Global energy challenges has led to heightened interest in the development of renew-
able carbon-based fuels such as biodiesel as a replacement or supplement for conven-
tional fossil fuels. However, approximately 10 wt% of crude glycerol is obtained as
a byproduct of conventional biodiesel production processes,35,36 limiting process e-
ciency. Supplanting only a small percentage of petroleum diesel usage with biodiesel
would result in an oversupply of glycerol36 creating an economic obstacle that could
prevent wide-spread biodiesel production. Signicant research has been devoted to
nding new markets for glycerol in an attempt to surmount the glycerol surplus ob-
stacle and help make biodiesel production more economically viable.36 Additionally,
glycerol is a simple sugar and can function as a surrogate for glucose in carbohy-
drate conversion to hydrocarbons research. While new processes are being explored
to convert glycerol into products such as ethers,198 ethanol,199 1,2-propanediol,200
syngas,201 and aromatics,202 one process that has received less attention is olen pro-
duction. Light olens such as ethylene and propylene are common polymer precursors
while C4−6 olens can be used in alkylation reactions to produce gasoline-range hydro-
carbons through methods such as the Mobil Olen to Gasoline/Distillate process.203
Zakaria et al. obtained a maximum 15% olen yield from glycerol at 600 ○C and 105
h-1 over Cr/HZSM-5 and Cu/HZSM-5.204 Corma et al. obtained a maximum 30%
yield of ethylene and propylene at 700 ○C over HZSM-5 at 30 seconds on stream
in a microactivity test reactor,205 but with 42% of carbon lost as CO. We explore
the possibility of developing a tunable process capable of converting glycerol to even
higher yields of C2−6 olens with minimal CO production in the interest of nding
new pathways for glycerol consumption.
The process we explore utilizes glycerol dehydration and hydrogenation of the en-
suing products to form propanal that is further upgraded to olens by aldol conden-
sation, a reaction that can produce liquid alkanes by C-C bond formation.206 Glycerol
dehydration has been studied in the liquid phase207,208 and gas phase.202,209,210 We
chose to carry out glycerol dehydration using zeolites because vapor phase glycerol
dehydration tends to yield acrolein yields greater than 50% that are stable for more
than 2 h on stream.202 For example, Hoang et al. obtained a 60% yield of acrolein
from glycerol at 100% conversion over HZSM-5 at 400 ○C, 2 h-1, 2 MPa, and 3 h on
stream.202 The products of glycerol dehydration over HZSM-5 did not react with each
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other at times on stream greater than 250 min resulting in a stable product output.
We have identied experimental conditions to aid us in developing a method of
processing glycerol into high yields of olens at temperatures where dealumination
is not as predominant, requiring less frequent catalyst replacement. We demonstrate
one such approach using a three-staged reactor. The rst stage contained a zeolite
such as HZSM-5 which served as a glycerol dehydration catalyst, producing stable
yields of acrolein and acetaldehyde. A second stage containing a noble metal cata-
lyst, operating at a lower temperature, served as a hydrogenation catalyst to convert
acrolein to propanal. A third stage containing HBEA catalyzed the propanal aldol
condensation. We also show that a propanal stream in the absence of acetaldehyde
fed to HBEA can be converted to ethylene and propylene with yields of up to 70%.
Thus, we demonstrate a prototypical tunable system capable of converting glycerol→ propanal → olens assuming removal of acetaldehyde at low temperatures with
higher yields.
6.2 Materials and Methods
6.2.1 Catalyst Preparation
The catalysts used were prepared in the same manner as described previously.47,48
The zeolites used were HBEA (CP814E*; Si/Al=12.5) and HZSM-5 (CBV 2314;
Si/Al=11.5). Samples of 1 wt% Pt and Pd were prepared from H2PtCl6 (8 wt% in
H2O, Sigma Aldrich) and PdNO3 (4.1 wt% in H2O, Sigma Aldrich) respectively on
-Al2O3 (Alfa Aesar) and -Al2O3 (Mager Scientic) supports.
6.2.2 Apparatus and Analytical Methods
The three-stage reactor system was constructed, as shown in Figure 6.1, from three
quartz tubes (10 mm OD) connected in series. Catalyst particles were situated in each
tube between a back-face ceramic foam monolith (-Al2O3, 80 pores per linear inch)
and a quartz wool plug front-face. The rst stage catalyst contained HZSM-5 (1.0 g),
the second stage contained either Pt or Pd impregnated on either - or -Al2O3 pellets
(1.0 g). The third stage contained 0.5 g of HBEA. The entire assembly was wrapped
with heating tape and 1/16" thermocouples (Omega K-type Inconel) were inserted
at the back-faces of each catalyst stage and used to control the temperature with
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Omega CSC32 Benchtop Controllers. The rst and second stage thermocouples were
sealed to prevent leakage while the third stage thermocouple was inserted through
the reactor outlet. N2 and H2 were fed at 1.5 and 0.5 standard liters per minute
(SLPM) respectively through a stainless steel nebulizer consisting of concentric 1⁄8"
and 1⁄16" tubes by mass ow controllers (MKS Mass-Flo) along with 40 L min-1 of
glycerol by a Valco M50 pump. The nebulizer was inserted through a quartz annulus
and 0.2 SLPM of Ar was fed from upstream of the annulus to prevent ow of glycerol
vapor back through the reactor. A reactor conguration identical to the one used by
Blass et al.47 was used for experiments using a pure propanal feed (57.3 L min-1)
with an additional 0.2 SLPM of CH4 fed as an internal standard. Staged reactor
product analysis was carried out on a HP 6890 gas chromatograph (GC) equipped
with a HP PLOT/Q column (30×0.32×20) and TCD and FID detectors in series.
Product identication was aided by a GC/mass spectrometer (HP 5890 GC / 5970
MSD, He carrier). Experiments with a pure propanal feed were analyzed on a HP
5890 GC containing an Alltech Heliex capillary AT-1 column (60×0.32×1.0) and an
FID detector. Mass balances closed to within 15%.
6.2.3 Experimental Procedure
As glycerol was fed to the rst stage, samples were analyzed on a GC at 20 min
intervals until 160 min on stream. For experiments with two stages, the rst stage
was aged for 20 min with glycerol prior to introducing additional stages to ensure
a steady state production of acrolein and acetaldehyde without aromatics formation
that occurs at smaller times-on-stream. After aging, the glycerol feed was turned o
and restarted after the additional stages were connected and heated. Hydrogenation
of glycerol dehydration products was carried out over Pt or Pd on - or -Al2O3 from
100 to 300 ○C at 10 and 30 min on stream. The product spectrum was analyzed at
the end of each experiment to ensure that the rst stage remained at steady state
throughout the duration of the experiment. After each experiment, the second stage
was removed from the apparatus and separately regenerated at 500 ○C with 1.0 SLPM
of N2 and 0.1 SLPM O2 for 30 min to burn o any coke that formed. The O2 feed was
replaced with 0.1 SLPM of H2 for an additional 30 min to reduce the catalyst. The
rst and third stage catalysts containing zeolites were replaced and not regenerated
after deactivation.
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Figure 6.1: Staged reactor schematic used for a glycerol feed.
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6.3 Results and Discussion
6.3.1 Glycerol dehydration (one stage)
Previous attempts to convert glycerol to olens have not produced olens with yields
greater than 30%. As described above, Corma et al. obtained a 30% yield of ethylene
and propylene from glycerol in a microactivity test reactor at 700 ○C, 30 h-1 and 30 s on
stream.205 However, dealumination of the zeolite can occur at these conditions211,212
requiring frequent catalyst replacement. As a baseline, we show in Figure 6.2 the
results of glycerol dehydration over HZSM-5 at 500 ○C. The acrolein and acetaldehyde
yields reached a steady state of approximately 68% and 30%, respectively, by 100
min on stream. Complete glycerol conversion was observed for the entirety of the
experiment and is outlined stoichiometrically in Equation 6.1.
It is unlikely, however, that steady-state yields of acrolein and acetaldehyde are
possible due to the likely creation of a staged bed at 100% conversion. A 20% yield
of C2−4 olens was obtained at 20 min on stream but the yield decreased to 5% by
60 min and became negligible for the remainder of the experiment. At 500 ○C and 20
min on stream, 30% aromatics were formed from glycerol dehydration. The aromatics
yield became negligible by 40 minutes on stream with only acrolein and acetaldehyde
remaining suggesting that acrolein and acetaldehyde can undergo further cyclization
and dehydrogenation to form aromatics. Hoang et al. obtained an initial 40% aro-
matics yield and 17% light olen yield over HZSM-5 at 400 ○C and 0.1 h-1.202 They
observed that both aromatics and olen yields became negligible over time while
acrolein and acetaldehyde yields increased to steady state values of ∼80% and 20%
respectively.
While olens and aromatics were formed at short times on stream, it is likely
the available pore structure was disrupted as zeolite coking lead to decreased aro-
matics formation. The decreasing availability of pore structure resulted in simpler
reactions like dehydration, reactions that are not as dependent as aromatization on
pore structure, becoming more prevalent.213 While many kinds of solid acids can cat-
alyze dehydration,47,72,214 far fewer can catalyze aromatization.64 The low olen yields
obtained by others from glycerol202,204,205 help illustrate the diculty of producing
olens directly from glycerol because, while some olens and aromatics are formed
at small times on stream, deoxygenation reactions to form acrolein and acetaldehyde
remain dominant for most of the experiment.
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Figure 6.2: Conversion of glycerol with time over HZSM-5 at 500 ○C and 3.0 h-1
to form acrolein (◻), acetaldehyde (◇), C2−4 olens (●), aromatics (◂), CO (▴),
hydroxypropanone (▸), and propanal (∎).
C3H8O3 Ð→ 0:33C2H4O + 0:72C3H4O + 0:055C3H6O2 + 1:8H2O (6.1)
6.3.2 Glycerol dehydration and hydrogenation (two stages)
After dehydration, the next step towards conversion of glycerol to olens is the hy-
drogenation of acrolein to propanal which can undergo aldol condensation to form
C−C bonds and, subsequently, olens. Pt/-Al2O3, Pt/-Al2O3, Pd/-Al2O3, and
Pd/-Al2O3 were evaluated for use in the hydrogenation stage. The temperature of
the hydrogenation stage was also varied from 100 to 300 ○C. Over both Pt or Pd on
either support, lower temperatures favored acrolein hydrogenation while higher tem-
peratures favored C−C bond scission and hydrogenolysis to form smaller molecules
such as ethylene, CH4, and CO (Figure 6.3). Additional pathways for acrolein con-
sumption can be activated at higher temperatures leading to products with smaller
sizes.
While all catalysts exhibited similar trends with temperature, Pd was the most
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selective for acrolein hydrogenation to propanal. As shown in Figure 6.3, the propanal
selectivity from acrolein at 115 ○C over Pd/-Al2O3 and Pd/-Al2O3 was 99% at
115○C and only 70% over Pt on both -Al2O3 and -Al2O3 at 115 ○C. The remaining
acrolein was converted to other products such as CO and C2−4 parans. Others have
also shown Pd to be more selective for hydrogenation of the acrolein C−C over the
C−O bond.215,216 Gy}ory et al. obtained ∼76% selectivity to propanal from acrolein at
97% conversion over Pd colloidal particles and ∼40% selectivity to propanal at 89%
conversion over Pt colloidal particles at 50 ○C.216 Hydrogenolysis becoming more
prevalent at higher temperatures was also observed by Gy}ory et al. who obtained∼70% selectivity of ethane from hydrogenolysis of acrolein at 94% conversion as the
temperature was increased to 200 ○C over Pd.
The support material also had a signicant eect on the product distribution over
Pt and Pd with temperature. -Al2O3 is known to have a surface area considerably
higher than -Al2O3 which also improves the dispersion and, consequently, activity of
impregnated metals.217 As the temperature increased, the CO yield obtained was 48%
at 300 ○C over Pt/-Al2O3 and 23% over Pt/-Al2O3, indicating higher reforming
activity over Pt/-Al2O3 than over Pt/-Al2O3. Similarly, the CO yield obtained
was 30% over Pd/-Al2O3 and 15% over Pd/-Al2O3. Perhaps the most important
feature of Figure 6.3 is the hydrogenation selectivity of Pd with temperature. As
shown in Figures 6.3c and 6.3d, the propanal yield decreased to 30% over -Al2O3
and was invariant over -Al2O3 as the temperature was increased from 100 to 200
○C.
Concurrently, the propanal yield decreased from 45% to 30% over Pt/-Al2O3 and
remained invariant over Pt/-Al2O3 as the temperature was increased from 100 to 200○C. Only at 300 ○C did the propanal yield begin to decrease over both Pt/-Al2O3 and
Pd/-Al2O3. It is possible that higher metal dispersions on -Al2O3 at temperatures
greater than 200 ○C made the catalyst too active for selective hydrogenation.
However, lower metal dispersions on -Al2O3 caused the catalyst to be less active,
resulting in more selective hydrogenation reactions. Hydrogenolysis requires more
contiguous active sites than hydrogenation which only requires one.218,219 Therefore,
a catalyst with a lower dispersion may be more selective for hydrogenation because
the relative lack of sites may limit the extent of competing reactions such as hy-
drogenolysis. Ribeiro et al. found that the extent of hydrogenolysis of hexane over
Pt-Re foils at 467 ○C decreased as the platinum cluster size decreased with sulfur
poisoning leaving only active hydrogenation reactions.219 Thus, Pd/-Al2O3 was se-
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lected for use as the second stage catalyst in all subsequent experiments because
it had the highest hydrogenation selectivity over the widest range of temperatures.
Flexibility in hydrogenation temperatures is necessary in a system in which com-
pounds like glycerol might be present to prevent any condensation in the reactor
which may potentially lead to plugging. For example, second stage temperatures of
140 ○C or greater are needed for the glycerol vapor pressure, calculated from Antoine
coecients available from NIST,220 to be greater than its partial pressure under our
experimental conditions assuming dierential conversion. Pd/-Al2O3 is capable of
selective hydrogenation at those conditions.
All catalysts also produced C2−4 compounds besides CO and propanal. As shown
in Figures 6.3a and 6.3c, 50% and 40% yields of C2−4 compounds were obtained
over Pt/-Al2O3 and Pd/-Al2O3, respectively, at 300
○C and 10 min on stream.
As the second stage temperature increased to 300 ○C, the rate of hydrogenolysis to
remove oxygen likely also increased, resulting in more deoxygenated product forma-
tion. However, the increase in the hydrogenoloysis rate was eclipsed by the increase
in the hydrogenation rate which led to all deoxygenated compounds being converted
to parans. Dehydrogenation of the parans formed over noble metals to olens is
considerably more dicult than the reverse reaction because thermodynamic equi-
librium favors parans at 400 ○C and atmospheric pressure. Therefore, an eective
glycerol-to-olens process cannot proceed through a paran intermediate so exper-
imental conditions which limit paran formation are desirable. However, as shown
below, reactions of propanal over zeolites such as HBEA can result in high yields of
olens with minimal paran formation.
6.3.3 Glycerol dehydration, hydrogenation, and aldol con-
densation (three stages)
A third stage was connected to the outlet of the second stage so the acrolein in the
second stage euent could undergo aldol condensation and cracking to form olens.
As shown in Figure 6.4a, propanal and hydroxypropanone appeared to be the most
reactive species in the third stage. The propanal yield from glycerol as measured after
the third stage decreased by about 5% to 66% at a third stage temperature of 400 ○C
and to 40% at 500 ○C as propanal was consumed in the third stage to form olens.
The hydroxypropanone yield, already small to begin with (∼6%), became negligible
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Figure 6.3: Propanal (∎), CO (▴), C2−4 olens (●), acetaldehyde (◇), acrolein (◻),
propanol (⊠), and CH4 (△) selectivities at dierent temperatures over second stage
noble metal catalysts. Time-on-stream = 10 min, WHSV = 3.0 h-1.
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with the introduction of the third stage. The acetaldehdye yield remained relatively
constant regardless of the third stage temperature with about 3% of acetaldehyde
produced from the rst two stages being consumed in the third stage at a temper-
ature of 500 ○C. We infer from the results that the majority of products formed in
the third stage originated from propanal and hydroxypropanone consumption. The
trends are understandable considering that propanal has been shown to undergo aldol
condensation and aromatization over zeolites under similar conditions.78,80,221
6.3.4 Upgrading of propanal to olens
We chose to feed 99% pure propanal to the third stage catalyst, bypassing the rst two
stages, because there are few examples of processes capable of dehydrating glycerol
selectively to acrolein. Experiments with a propanal feed were carried out assuming
a 100% conversion of glycerol to acrolein with subsequent selective and complete
hydrogenation to propanal. These conditions enabled us to simulate an ideal scenario
in which acetaldehyde was removed after the second stage to prevent interference
with propanal self-condensation. Propanal condensation was carried out over dierent
temperatures and over a range of zeolites with dierent pore sizes.
Reactivities of propanal from glycerol in a staged reactor and pure propanal
feeds
The yields of condensation products formed from propanal in a staged reactor con-
guration with glycerol as a feed are compared with products formed from reaction
of a pure propanal feed over a single stage in Figure 6.4b over HBEA at 10 min on
stream and at 400 and 500 ○C. The yields obtained in a staged reactor conguration
with a glycerol feed were divided by 0.70 to account for the 70% propanal yield from
glycerol after two stages. As shown in Figure 6.4b, olen yields from a pure propanal
feed over a single stage are signicantly higher than yields in a staged reactor cong-
uration. Conversion increased from 20% and 38% to 50% and 76% at 400 and 500 ○C,
respectively, upon switching to a pure propanal feed. Meanwhile, the C2−5 olen yield
increased from 16% to 45% and 27% to 68% at 400 and 500 ○C, respectively. The C2−3
also increased from 4% and 11% to 10% and 46% at 400 and 500 ○C, respectively.
The C6−7 compounds consisted of a mixture of aromatics, olens, and oxygenates
while C8−9 compounds were almost exclusively aromatics. In all cases, the C6−9 yields
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were small compared to the C2−5 yields. We infer from the results that removal of
acetaldehyde is necessary for obtaining desirable yields of olens from glycerol.
Eect of time-on-stream on product distribution from propanal condensa-
tion
While HBEA carrying out propanal upgrading to olens deactivates within 10 min
in the presence of acetaldehyde in a staged reactor conguration with a glycerol feed,
conversion of a 99% pure propanal feed over a single stage can continue for at least as
long as 150 min, as shown in Figure 6.5. We suspect acetaldehyde may have caused
rapid deactivation because propanal upgrading in the absence of acetaldehyde can
run for signicantly longer times-on-stream. It is possible the acetaldehyde inhibited
the self-condensation of propanal by co-adsorption, thus blocking the adsorption of
a second propanal molecule. While this inhibition mechanism has not been veried,
Yang et al. observed a 40X decrease in the rate of base-catalyzed ethanol conversion to
1-butanol over a Rb-Na exchanged zeolite X at 420 ○C upon co-feeding acetaldehyde.
They observed the same eect upon co-feeding crotonaldehyde with ethanol over Rb-
LiX at the same conditions and suspected crotonaldehyde had a poisoning eect on
the ethanol condensation.222
When a pure stream of propanal is fed to HBEA, an 83% selectivity at 86% con-
version (70% yield) of ethylene and propylene was obtained at 10 min on stream. As
time-on-stream increased to 150 min, propanal conversion decreased from 86 to 54%
and the C2−3 selectivity dropped from 83% to 36% as the catalyst deactivated. Con-
currently, the C4−5 selectivity increased to 42% at 150 min from 6%. We conclude
from the trends in product selectivities with time-on-stream that C2−3 are formed
from cracking of C4−5 olens which form initially from propanal condensation. We
propose that the mechanisms governing the formation of olens from propanal are
similar to those for acetone, an isomer of propanal. There are few studies concerning
propanal reactions over HBEA, however, acetone reactions over various zeolite frame-
works at similar reaction conditions have produced high selectivities of olens such
as isobutene.
For example, Hutchings et al. obtained an 87% selectivity of isobutene at 49%
conversion from acetone condensation over HBEA at 400 ○C and 1.6 h-1 with the
remainder of the products consisting of C3−6 compounds.158,223 Corma et al. proposed
that acetone dimerized and cracked to form isobutene and acetic acid205 in contrast
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with Hutchings et al. who proposed the formation of isobutene and CO from acetone
through an isophorone intermediate.158 Propanal has been shown to form higher
oxygenates through aldol condensation over mixed oxides224 and zeolites while HBEA
and HZSM-5 have been shown to catalyze formation of higher oxygenates but coupled
with subsequent cracking of these products to form olens and aromatics.158,223 Hoang
et al. compared the reactivities of propene and propanal over HZSM-5 at 400 ○C
and found that propanal had a higher conversion compared to propene and made
more aromatics.80 They obtained ∼40% selectivity of aromatics from propanal at
76% conversion (400 ○C, 60 min on stream, 7.7 h-1) compared to 1% selectivity at
41% conversion from propene and attributed the dierence to the trimerization and
dehydration of propanal to mesitylene, among other aromatics. While Hoang et al.
obtained high selectivities of aromatics over HZSM-5, we found high olen yields
are possible when reacting propanal over HBEA. Hoang et al. obtained a maximum
olen yield of 20% over HZSM-5 at 400 ○C and 100% conversion78 while we obtained
a maximum olen yield of 71% over HBEA. Therefore, we suggest that propanal also
undergoes acid-catalyzed aldol condensation reactions over HBEA but with a higher
olen yield over HBEA than over HZSM-5.
Eect of pore size and temperature on propanal condensation
We varied the pore size and temperature by reacting propanal over HBEA HZSM-5 at
400 and 500 ○C to determine experimental conditions which maximize the olen yield.
The products formed over both HBEA and HZSM-5 consisted of largely C2−5 olens
with only traces of aromatics. Conversion increased over both HBEA and HZSM-5 as
the temperature was increased from 400 to 500 ○C along with a corresponding increase
in C2−3 olen yield. C2−3 yield increased from 6 to 14% over HZSM-5 and from 4 to
15% over HBEA as temperature was increased. Correspondingly, the C4−5 olen
yield decreased, likely due to C2−3 olen formation from cracking, further supporting
the same conclusion drawn previously from Figure 6.5. The data from Figure 6.6
demonstrates how the tunability of olen formation from propanal depends on the
pore size of the zeolite used as well as the temperature. The product spectrum was
shifted to light olens at higher temperatures and C4−5 olens at lower temperatures.
Pore size also had an eect on the product distribution. The C6−9 yields were
greater over HBEA than over HZSM-5 possibly because the 12-member ring (12-MR)
HBEA pore structure is more accommodating of larger products than the 10-MR
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Figure 6.5: Conversion (◆) and C2−3 (●), C4−5 (∎), C6−7 (▴), and C8−9 (▾) selectivities
as a function of time-on-stream for propanal upgrading over HBEA at 500 ○C, WHSV
= 5.6 h-1.
HZSM-5. The pore size is also important in determining aromatics yields. Hutchings
et al. obtained a 46% aromatics selectivity and a 40% C4−5 olens selectivity from
acetone over HZSM-5 compared with 3% aromatics and 90% C4−5 olens over HBEA
at 378 ○C and similar conversions (∼62%).158,223 We observed aromatics yields less
than 5% for all zeolites, possibly because the products were evaluated at a time
on stream long enough (150 min) to suciently deactivate the catalysts, limiting
aromatics formation. Thus, the product distribution of a process upgrading propanal
to olens can be tuned by a variation in both pore size and temperature.
6.4 Conclusions
We evaluate the feasibility of a glycerol-to-olens process in a staged reactor cong-
uration. Glycerol was converted to acetaldehyde, hydroxypropanone, and propanal,
of which the latter can undergo aldol condensation and cracking to form C2−5 olens
with minimal aromatics and CO production. A high olen yield can be obtained by
propanal conversion in the absence of acetaldehyde over HBEA although deactivation
6.4 Conclusions 94
400 °C 500 °C
0%
5%
10%
15%
20%
25%
30%
400 °C 500 °C
 
Y
ie
ld
HZSM-5
 
HBEA
Figure 6.6: Eect of pore size and temperature on C2−3 (∎), C4−5 (⧄), C6−7 (q), and
C8−9 (◻) olen yields. Time-on-stream = 150 min, WHSV = 11.2 h-1.
due to coke formation causes a decrease in propanal conversion with time on stream.
The olen formation process is tunable by varying the temperature and zeolite pore
size. For example, the product distribution can be shifted to C2−3 olens at higher
temperatures and C4−5 olens at lower temperatures. C6−9 products were formed
when the zeolite pore size was increased from 10-MR in HZSM-5 to 12-MR in HBEA,
likely because larger pores can accommodate larger products. Glycerol-to-olens is
a process that represents a new potential route for glycerol consumption and may
aid in the reduction of economic obstacles currently preventing wide-spread biodiesel
production.
CHAPTER
SEVEN
FUTURE WORK
7.1 Autothermal staged reactors
7.1.1 Lignocellulosic feed
An autothermal staged reactor was developed for converting a cellulose feed to olens
and aromatics and is described in Chapter 5. While the system worked as intended,
the aromatics and olen yield was quite low and deactivation was rapid. The maxi-
mum aromatic yield obtained was 12% over HZSM-5 at 500 ○C and 10 min on stream.
By subtracting the amount of CO and CO2 formed from the initial oxidative cellu-
lose pyrolysis, the aromatics yield is approximately doubled to 24%. Deactivation,
however, was rapid as evidenced by the increase in the oxygenate yield from 6% to
30% as time-on-stream increased to 30 min. Over Pt/HZSM-5, oxygenates increased
to 4% as time-on-stream increased to 30 min but the aromatics yield obtained was
only 5%, or 10% when not accounting for the initial CO and CO2 yields. While
the aromatics yield over HZSM-5 was similar to yields observed by others at similar
conditions,184 the yield we obtained over Pt/HZSM-5 was considerably lower. The
low olen and aromatics yields might be attributed to the fact that a pure cellulose
feed was used while most biomass upgrading studies use bio-oil generated from lig-
nocellulosic biomass, a feedstock more similar to real biomass than pure cellulose.
Lignocellulose contains more phenolic-based aromatics than cellulose which may ex-
plain the increased amounts of aromatics found by others.
Considering the low rate of deactivation observed over Pt/HZSM-5, possibly due
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to Pt breaking up coke precursors, we propose a lignocellulosic feed to the autother-
mal staged reactor containing Pt/HZSM-5 in the second stage. A lignocellulosic feed
to an autothermal staged reactor may result in higher aromatic yields than a cel-
lulose feed. The reaction can also be carried out at higher pressures because higher
hydrogen pressures have been shown to reduce deactivation of hydrocarbon hydropro-
cessing over bifunctional zeolites.85 Successful resolution of this project would result
in a reactor that can autothermally convert lignocellulosic biomass into a stream of
aromatics with a low rate of deactivation and negligible coke formation.
7.1.2 Methane-to-benzene
Another potential application of staged reactors is the dehydroaromatization reaction
of methane to benzene, toluene, and xylenes (BTX) shown in Equations 7.1-7.3.
Methane, the primary component in natural gas, is abundant and inexpensive and
methane coupling to ethylene and benzene, common polymer precursors, is an active
area of research. Zeolites such as Mo-exchanged HZSM-5 have emerged as potential
methane-coupling catalysts, however, the reaction requires temperatures ∼700 ○C
and equilibrium conversion is limited to 10%.81 In an autothermal staged reactor,
methane-to-benzene is coupled with upstream methane CPO. The downstream stage
would consist of Mo-exchanged HZSM-5 synthesized with the same method used by
Bedard et al. for the co-processing of oxygenates with methane.81,82
The environment of a CPO reactor may be useful for creating the conditions
needed for the methane-to-benzene reaction to work. Methane, unconverted from
CPO in the rst stage, will pass over the second stage heated by the CPO process
heat. The Mo in the zeolite pore, capable of C-H bond activation, will catalyze
methane coupling to form ethylene. The ethylene formed can then cyclize to form
benzene as well as smaller amounts of toluene and xylenes. The formation of benzene
shifts the equilibrium of methane to ethylene towards products by consuming ethy-
lene in cyclization reactions.81,82 For a methane-to-benzene application of a staged
autothermal reactor, Pt/-Al2O3 spheres would be loaded into a reactor and serve
as a combustion catalyst. Pt was chosen because lower H2 selectivities are obtained
from methane CPO over Pt than Rh due to the decreased extent of endothermic
reforming reactions over Pt.225 The methane-to-benzene equilibrium can be shifted
towards reactants and reduce the ethylene yield in the presence of H2, consequently,
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less H2 formation from methane CPO is desirable.
The yields of ethylene and BTX would be observed as a function of C/O. The
experiments would be repeated at a constant C/O because varying the C/O also
changes the temperature and the amount of H2 produced which would change the
equilibrium. A successfully coupled methane-to-benzene reactor would be capable of
autothermal production of ethylene and benzene from methane.
2CH4 Ð→ C2H4 + 2H2 (7.1)
3C2H4 Ð→ C6H6 + 3H2 (7.2)
6CH4 Ð→ C6H6 + 9H2 (7.3)
7.1.3 Oxidative Coupling of Methane
Oxidative coupling of methane (OCM) is a reaction that uses methane combustion
to generate high temperatures that promote homolytic cleavage of C-H bonds. The
initial generation of CH3⋅ radicals is believed to occur in the gas phase with subsequent
CH3⋅ coupling occurring as a surface reaction on a catalyst.226 A number of catalysts
have been shown to display CH3⋅ coupling activity with Li/MgO227 and Sr/La2O3 228
being the most common. La2O3 without a strontium promoter has also been shown
to be catalytically active for the OCM reaction.229 The best ethylene yields have
been limited so far to about 15% because of undesired ethylene oxidation to CO and
CO2.
226 OCM typically requires temperatures from 675-900 ○C226 and an oxidative
atmosphere { conditions easily attainable in a SCTR. OCM can also occur thermally
and was rst demonstrated for acetylene production from methane CPO by Hohn et
al. in 1998.230 A maximum 20% yield of C2 olens (15% acetylene and 5% ethylene)
was obtained at high gas hourly space velocities (> 3 × 105 h-1) and ∼1580 ○C.
In principle, a high enough methane CPO space velocity (> 2 × 105 over 3 wt%
Pt/-Al2O3) can result in O2 breakthrough
225 creating an atmosphere directly below
the CPO catalyst that would contain CH4 and O2 at temperatures that can exceed
1500 ○C|conditions that could be used for OCM. The proposed reactor, an extension
of the autothermal staged reactor, will combine both the thermal OCM capability of
CPO as demonstrated by Hohn et al.230 and the surface methane coupling over a
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Figure 7.1: Schematic representation of a staged OCM reactor.
conventional downstream OCM catalyst such as Li/MgO or Sr/La2O3. As shown
schematically in Figure 7.1, methane CPO will be carried out at the same conditions
used by Hohn et al.230 The euent, containing O2 due to O2 breakthrough and up
to 20% ethylene and acetylene, will pass through a La2O3 bed.
The objective of coupling both CPO and OCM into a staged autothermal reactor
is for the OCM catalyst to obtain a higher C2 yield than has been obtained over
either method individually. The temperature of the OCM catalyst can be lowered by
increasing the inter-stage distance and relying on radial heat loss to cool the catalyst.
This technique was employed in Chapter 3 to change the zeolite temperature and
is necessary because the CPO temperature required (> 1500 ○C)230 is greater than
conditions used by others over La2O3.
227{229,231
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7.2.1 Glycerol upgrading
A glycerol-to-olens process was discussed in Chapter 6, however, the olen yield
from propanal derived from glycerol was limited to ∼40% at 500 ○C and 10 min on
stream. Upon feeding pure propanal to the same catalyst used in the third stage of the
reactor (HBEA), a maximum 70% yield of C2−3 was observed and the catalyst lifetime
was extended from 10 min to at least 150 min. The acetaldehyde was proposed to
be responsible for interfering with the propanal aldol condensation by either coke
formation or by blocking propanal molecules from adsorbing to sites containing other
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propanal molecules. The water produced from glycerol dehydration (Equation 6.1) is
a product of propanal condensation and may have inhibited the reaction.
The rst proposed experiment will be a propanal and water co-feed to HBEA at
400 ○C. The olen yield will be measured as a function of the water/propanal ratio.
Lower olen yields should be obtained with increasing proportions of water if water
is indeed responsible for inhibiting the reaction. The second experiment will be a
propanal and acetaldehyde co-feed to check for acetaldehyde inhibition of propanal
condensation. The low boiling point of acetaldehyde (20 ○C) makes feeding by pump
dicult, therefore, a saturator will have to be employed to obtain steady acetalde-
hyde ow. If the olen yield is found to decrease with increasing proportions of
acetaldehyde, methods would need to be developed for removing acetaldehyde from
the glycerol dehydration euent to make a glycerol-to-olens process more feasible
such as by liquid condensation or membrane separation. The last possibility is nding
a way of producing acrolein selectively from glycerol, a dicult prospect considering
the mechanism of glycerol dehydration proposed by Corma et al. shows that acetalde-
hyde production occurs via a pathway parallel to acrolein production.205 Despite this
diculty, a selective stream of acrolein from glycerol was reported by Freund et al.
at 180 ○C over silica.232
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